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Abstract

The steam reforming of the main biodiesel by-product, glycerol, has been
catching up the interest of the scientific community in the last years. The use of
glycerol for hydrogen production is an advantageous option not only because glycerol
is renewable but also because it’s use would lead to the decrease of the price of
biodiesel, thus making it more competitive. Consequently, the use of biodiesel at large
scale would significantly reduce CO, emissions comparatively to fossil fuels. Moreover,
hydrogen itself is seen as a very attractive clean fuel for transportation purposes.
Therefore, the industrialization of the glycerol steam reforming (GSR) process would
have a tremendous global environmental impact. In the last years, intensive research
regarding GSR thermodynamics, catalysts, reaction mechanisms and kinetics, and
innovative reactor configurations (sorption enhanced reactors (SERs) and membrane
reactors (MRs)) has been done, aiming for improving the process effectiveness. In this
review, the main challenges and strategies adopted for optimization of GSR process
are addressed, namely the GSR thermodynamic aspects, the last developments on

catalysis and kinetics, as well as the last advances on GSR performed in SERs and MRs.
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Notation and Glossary

E, Activation energy

Eupa Activation energy of a Pd-based membrane
f Fraction of H, removal

G Gibbs free energy

Ju, Flux of H, through the membrane

K Equilibrium constant

k Reaction rate constant

K; Adsorption constant of component i

kg Pre-exponential factor

ke Coke deposition reaction rate constant

n; Molar number of component i

DH, permeate Partial pressure of H, in the permeate side
DH, retentate Partial pressure of H, in the retentate side
D; Partial pressure of component i

Prau, Permeability of a Pd-based membrane to H,
PR u, Pre-exponential factor

R Ideal gas constant

Tcoke deposition Reaction rate of coke deposition

Tesr Reaction rate of glycerol steam reforming
T Absolute temperature

X1, X, Basic and acid active sites, respectively

Greek letters

é Membrane thickness
AH Standard enthalpy
AH?98K Reaction enthalpy at 298 K
U Chemical potential of component i
Superscripts
a,b Partial reaction orders for glycerol and steam, respectively
X Pressure exponent

List of acronyms

CTAB Cetyltrimethyl Ammonium Bromide

CvD Chemical Vapor Deposition

EP Electroless Plating

GHSV Gas Hourly Space Velocity

GSR Glycerol Steam Reforming

IUPAC International Union of Pure and Applied Chemistry
MR Membrane Reactor

PEMFC Polymer Electrolyte Membrane Fuel Cell

PSA Pressure Swing Adsorption

PSS Porous Stainless Steel

SEGSR Sorption-Enhanced Glycerol Steam Reforming
SER Sorption-Enhanced Reactor

SRM Steam Reforming of Methane

TR Traditional Reactor

WGFR Water/Glycerol Feed Ratio (molar)



WGS Water-Gas Shift
WHSV Weight Hourly Space Velocity
YSZ Yttria-Stabilized Zirconia



1 Introduction

Biodiesel is a promising alternative energy source because it is a renewable fuel
and reduces greatly CO, emissions compared to fossil fuels (Fig.1). The production of
biodiesel is most commonly done through transesterification with methanol of
triglycerides extracted from sunflower oils, soybean and rapeseed (Fig. 2). This process
produces glycerol as the main by-product (100 kg of glycerol/tone of biodiesel) [1, 2].
Moreover, the annual worldwide production of biodiesel has been in an increasing trend
lately, as can be seen in Fig. 3 [3]. However, biodiesel is not competitive in terms of
price yet [4]. One way of lowering the production cost of biodiesel would be to use its
main by-product, glycerol, to produce H; (or syngas) via steam reforming, for example,

thus providing an extra value to such a waste.

Hydrogen is a clean energy source with numerous uses and its demand is
expected to greatly increase in the future, mainly due to the technological
advancements in the fuel cell industry. Nowadays, nearly 48% of the worldwide
produced hydrogen is generated through the steam reforming of methane (SRM), while
the reforming of naphtha/oil contributes with 30%, the coal gasification with 18% and
electrolysis with only 3.9% [5]. The SRM, in particular, consists of CH4 reacting with
H,0 to yield syngas at high temperatures (700-1100 °C) [4]. Stoichiometrically, 3 moles
of H; can be obtained per mole of methane through SRM, while 7 moles of H; can be
extracted from 1 mol of glycerol through glycerol steam reforming (GSR), as presented

ineq. (1).
C3Hs03 + 3H20 « 7H; + 3CO, (AH7@98K =128 kJ-mol'1) (1)

Furthermore, while for SRM a fuel (CH,) is consumed to produce another fuel, the same
thing does not happen for GSR. Therefore, the use of glycerol instead of methane
would be advantageous [4]. Even though steam reforming is the main target of focus
in this review, there are other methods to convert glycerol into H,:

e Auto-thermal reforming [6-8];

e Partial oxidation gasification [9-11];

e Aqueous-phase reforming [12-14];

e Supercritical water reforming [15-17].

The reason why GSR was chosen as focus of study instead of any of the other processes
is mainly due to the fact that the steam reforming process is widely used in industry
and it would not require many changes in the system if the feedstock was changed

from natural gas or naphtha to glycerol [4].



The GSR process, like any other process, has some challenges that need to be
overcome in order to accomplish its effective commercialization. Some of the main
challenges are:

e The GSR is an endothermic reaction, thus requiring high temperatures and
inherently high operating costs. Furthermore, more resistant reactors would
be needed and so higher capital costs would be involved;

o The GSR process has side reactions, which affect both production and purity
of Hz. The main side reactions represented by eq. (2, 3 and 4) lead to methane
formation either by reaction of carbon monoxide and hydrogen or reaction of
carbon dioxide and hydrogen or through hydrogenolysis of glycerol,

respectively.
CO+ 3H; «» CHs + H20 (AHZ°8K = -206 kJ-mol™) (2)
CO; + 4H; <> CH4 + 2H,0 (AHZ8K = -165 kJ-mol™) (3)

C3Hg03 + 2H; «» 2CHy + CO + 2H,0  (AHZ8K = -160 kJ-mol™") (4)

e Although 7 moles of hydrogen should theoretically be produced per each mole
of glycerol that reacts, many authors have observed upper H; yield limits lower
than 7 [18-23];

o The GSR is a thermodynamically-limited reaction (eq. (1)), being inherently the
conversion detrimentally affected in certain conditions, particularly at lower
temperatures [24];

e The formation of coke is also an issue since it deactivates the catalyst, thus
affecting H; yield and purity and long term operation;

e Besides producing hydrogen the GSR reaction also produces carbon dioxide,

whose release is target of environmental concern and restricted by legislation.

With the aim of addressing these problems, new catalysts have been developed
and different purification methods have been studied. Moreover, new reactor
configurations combining the GSR reaction and hydrogen or carbon dioxide selective
removal have also been target of intense research, due to their potential to solve some
of the limitations previously mentioned. In this review some of the important
developments regarding the GSR reaction (including thermodynamics, developed
catalysts and reaction kinetics) and its combination with a hydrogen perm-selective
membrane or a CO; sorbent, in the perspective of process intensification, are
reviewed. Up to the authors’ knowledge, a review that conjugates a literature survey

of all these subjects is still missing.



2 Thermodynamics of GSR - Influence of different

parameters

2.1 Conventional GSR

The GSR is an equilibrium-limited process, as previously mentioned, that involves

the decomposition of glycerol followed by the water-gas shift (WGS) reaction:

C3HgO3 = 3CO + 4H; (AH?%8K =251 kJ-mol™) (5)

CO + H,0 = Hz + CO, (AHZ98K = -41 kJ-mol™) (6)
In order to maximize the production of hydrogen, one must first fully understand how the
thermodynamic boundaries are influenced by the different parameters.

There are several studies focused on the thermodynamics of the GSR [24-31]. One
of the most important parameters affecting any reaction system is temperature. Once
glycerol decomposition is highly endothermic and requires more heat than that produced
in the WGS reaction, the overall GSR process is endothermic (eq. (1)), thus meaning that
higher temperatures benefit the H; production (glycerol conversion, H; yield and
selectivity) (Fig. 4) [24]. Mathematically, the equilibrium of a system at constant pressure
and temperature is given as follows:

dG = X udn; =0 (7)
where G is the Gibbs free energy, u; is the chemical potential of component i and n; is
the number of moles of component i in the system. The goal is to determine the set of n;
values that minimize de value of G (thermodynamic equilibrium). There are two different
thermodynamic approaches that can be used to solve this: (i) stoichiometric [30, 32, 33]
and (ii) nonstoichiometric [24-28, 31, 34-38]. By using the stoichiometric approach a set
of stoichiometrically independent reactions, which are normally chosen arbitrarily from a
set of possible reactions, is used to describe the system. Instead, if the nonstoichiometric
method is used the equilibrium composition is calculated based on the direct minimization
of the Gibbs free energy of a specific set of species [27]. Both methods have their own
advantages, however there has been a significant tendency towards the nonstoichiometric

one. In fact, the use of the latter does not require a selection of the possible set of



reactions. Moreover, during computation there is no divergence and there is no need of

an accurate initial estimation of the equilibrium composition [27].

Since the GSR is an endothermic process (AH® > 0), if higher temperatures are used
more hydrogen is produced, thus confirming the trend in Fig. 4. Furthermore, a variation
of the number of moles of all products (H;, CO, CO; and CH4) with temperature is also
observed in this figure. At lower temperatures, the formation of H,, CO, and CH4as main
products is seen. This might be due to the fact that the exothermic WGS and methane
formation reactions are mainly favored at low temperatures. In contrast, endothermic
reactions like GSR and reverse WGS are more favored at higher temperatures. This could
explain the increase of both H; and CO contents and the small decrease of CO; observed
at those temperatures. In any case, an optimum high temperature is normally determined.
However, higher temperatures are not favorable from the economic point of view and so
alternative ways to attain high H; production yields have to be considered.

The molar water/glycerol feed ratio (WGFR) has also been found to highly influence
the production of H, (mainly the H; yield and selectivity) in the equilibrium. Considering
the Le Chatelier’s principle, it is expectable that for higher WGFRs the equilibrium shifts
towards the consumption of the excess of water, thus producing more hydrogen. Such a
behavior has been indeed verified and, as can be seen in Fig. 5, the H; yield increases as
the WGFR increases from 4 to 15, whatever the temperature. For WGFRs above 9 the H;
yield increases at a slower rate, especially at higher temperatures. However, the amount
of water used should not be too high due to the excessive vaporization costs that it would
bring at industrial scale. Moreover, it should be chosen taking into consideration the H,0O
activation capacity of the catalyst used and the other operating conditions (temperature
and pressure).

The influence of both operation temperature and WGFR on the formation of coke
has been investigated as well [25, 28, 39]. Adhikari et al. [28] suggest that carbon

formation may happen through the following reactions:

2C0(g) « COx(g) + C(s) (8)
CHa(g) & ZHx(g) + C(s) 9)
CO(g) + Ha(g) « H20(g) + C(s) (10)



CO2(g) + 2H2(g) « 2H,0(g) + C(s) (11)

Fig. 6 [25] shows that, in order to avoid carbon formation, which poisons the catalysts,
high WGFRs and temperatures should be used. In fact, for WGFRs higher than 5, carbon
formation is completely inhibited for all the temperature range considered (550-1000 K).
These results are in line with those obtained by Adhikhari et al. [28] and Authayanun et
al. [39].

Pressure is also an important parameter because it has a significant influence on
the performance of reaction systems. That influence is even more noticeable for processes
during which there is variation of the total number of moles, like the GSR, since it affects
the thermodynamic equilibrium (Le Chatelier’s principle). For the case of GSR, higher
pressures lead to a lower hydrogen production in the equilibrium. Moreover, enhanced
formation of methane has also been verified [25, 28-30]. Therefore, it results to be
advantageous to use lower pressures not only because it is economically more attractive
(as far as the pressure is not too low) but also because it leads, under equilibrium, to
higher H, production (Fig. 7) [26]. Pressures lower than the atmospheric pressure would
be desired, however, these pressures are more difficult to attain under economically
attractive conditions in industrial practice. An alternative way to achieve this would be
to use a carrier gas to dilute the reactants, thus decreasing their partial pressures. Chen
et al. [26] came to the conclusion that by increasing the amount of carrier gas, not only
the maximum H; production increased but also the optimum temperature dropped.
Although it may seem a good solution, at industrial scale it is not so attractive since it
would require complex separation processes after the reactor.

In sum, it is clear that high temperatures, high WGFRs and low pressures favor
hydrogen production in the equilibrium. Temperatures between 580-702 °C, WGFRs
between 9-12 and atmospheric pressure have been reported in the literature as optimum
conditions [25-27, 29].

2.2 GSR with CO; Adsorption

It is clear that even at favorable conditions, the GSR equilibrium is still quite limiting
in terms of H; yield, for example. For the cases analyzed in the previous section, the
maximum H; yields observed were close to 6, due to the co-existence of several reaction

apart GSR. However, according to the GSR reaction stoichiometry (eq. (1)), @ maximum
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H; yield close to 7 can be obtained. Such a yield could be reached by performing GSR
simultaneously with CO; capture, since the selective removal of CO; shifts the
thermodynamic equilibrium towards higher H; yields. The Sorption Enhanced Glycerol
Steam Reforming (SEGSR) process also allows to work at milder operating conditions, thus
leading to lower operation costs. Moreover, since the emissions of CO, are diminished,
the SEGSR can be considered as a good solution as long as there is a way to store/valorize
captured CO; [40]. In this section a review of some thermodynamic studies on SEGSR is

done.

Different approaches have been used to account for CO; sorption in thermodynamic
simulations. Wang et al. [41] accounted for 17 species in SEGSR among which 13 were
gases and 4 were solids. These solids include carbon, CaO, CaCO; and Ca(OH),. It is

assumed that, in the presence of a CO, sorbent like CaO, the following reactions take

place:
Ca0(s) + COy(g) © CaCOs(s) (12)
Ca0(s) + H20(g) < Ca(OH)a(s) (13)
Ca(OH)s(s) + CO,(g) & CaCOs(s) + H,0 (14)

In Fig. 8 [41] the effect of temperature and WGFR on the equilibrium concentration of H,
(dry basis) during (a) GSR and (b) SEGSR is presented. For the first case, the observed
behavior is very similar to what has already been discussed in the previous section.
Regarding the SEGSR, it can be observed that for increasing WGFR values, at constant
temperature, the equilibrium hydrogen concentration also increases for the reason stated
before. Therefore a balance should be sought, being that a value of 9 is proposed by Chen
et al. [42] and Silva et al. [43] as the most favorable for hydrogen production. In terms of
temperature, a more noticeable effect is observed. While for temperatures between 500-
900 K and constant WGFR there is an increase of the equilibrium hydrogen concentration,
for temperatures above 900 K this concentration decreases. The authors suggest that the
increase of the H, concentration up to 900 K is associated to the compromise between eq.
(2, 5, 6, 12, and 13). The decrease of the equilibrium hydrogen concentration observed
thereafter is due to the fact that the CO; sorption described by eq. (12) is inhibited due
to its exothermic nature. By comparing Fig. 8 (a) and (b), it is clear that the removal of

CO; during reaction enhances H; production (Le Chatelier’s principle), especially at lower



temperatures where CO; sorption is more intense. Chen et al. [42] observed that, while
without CO; capture the maximum H, yield, at WGFR of 9 and 1 atm, was 6, H; yields of
approximately 6.5 and 7 were obtained when 80% and 99% of the CO; was removed,
respectively. Moreover, the increment of H, production due to CO; removal is higher for
lower temperatures, which is related with the fact that lower temperatures favor CO;
capture.

Regarding the variation of the concentration of CO,, Wang et al. [41] observed very
similar behavior between GSR and SEGSR at temperatures above 900 K. However, at
temperatures below 900 K the CO; concentration was much lower in the SEGSR due to the
already mentioned enhanced sorption, despite the higher CO, production (Le Chatelier’s
principle). On the other hand, the production of both methane and carbon monoxide is
lower in the SEGSR.

Chen et al. [44] varied the operation pressure between 1-20 atm and analyzed its
effect on both GSR and SEGSR in terms of hydrogen yield. The first thing that the authors
noticed was that the H; yield decreased with increasing pressures for both processes.
However, the SEGSR was less sensitive to pressure than GSR. This happens because, even
though higher pressures do not favor SEGSR but methanation instead, higher pressures
enhance CO; adsorption. For this reason, the negative effects of pressure are diminished
during SEGSR, being that the increment in the production of H; due to CO; removal is more

noticeable at higher pressures.

The sorbent/glycerol ratio is also an important parameter to be taken into
consideration. The concentration of H; increases for increasing CaO/glycerol ratios, while
the concentrations of both CO and CO; highly decrease [41]. The concentration of methane
presents a maximum. However, for increasing CaO/glycerol molar ratios above 10, there
is almost no variation of H;, CO, CO; and CHs concentrations. Therefore, 10 may be

considered the optimum CaO/glycerol molar ratio.

Finally, the deposition of carbon has also been target of investigation. As already
discussed for GSR, high temperatures and WGFRs inhibit coke formation. Wang and co-
authors observed higher carbon deposition in GSR than in SEGSR. Therefore it can be
concluded that the capture of CO; inhibits coke formation. This is supported by the lower
concentrations of CO and CO;, which origin coke formation, during SEGSR (eq. (8, 10, and
11)). On the other hand, by analyzing Fig. 9 [41] it can be observed, for SEGSR, that at 1

atm coke is completely absent at temperatures above 500 K and WGFRs higher than 1.8.



By increasing the pressure from 1 to 50 bar, the formation of a second carbon formed
region occurs. This might be because of the enhancement of the reactions in eq. (8, 10,
and 11). In this case coke formation is only completely avoided at WGFRs above 3 (again
for temperatures above 500 K). In another work, Silva et al. [43] concluded that even
using a WGFR as low as 1.5, it would be possible to work at temperatures below 885 K (1
atm) without any carbon formation. Furthermore, in order to eliminate the possibility of
carbon formation in all the temperature range (500-1400 K) under atmospheric pressure,
WGFRs higher than 2 would have to be used. This value is very similar to the one reported
by Wang et al. [41] - Fig. 9.

2.3 GSR with H2 Removal

The removal of hydrogen from the reaction medium instead of CO; is another
possibility that has been target of some interest. Analogously to the SEGSR, the selective
removal of H; during GSR by means of a membrane reactor (MR) also shifts the
thermodynamic equilibrium towards higher H; yields. Moreover a highly pure H; stream,
which is suitable to be used in polymer electrolyte membrane fuel cells (PEMFCs), is
generated. There have been several studies that have focused on the experimental
assessment of GSR in MRs, however the study of the thermodynamic behavior of the

process has seldom been done. A revision of such work is briefly reported in this section.

Wang et al. [45] investigated the effect of temperature, WGFR, pressure and
fraction of hydrogen removal on a MR. Regarding the operation pressure, it was found that
higher pressures benefit the permeation of hydrogen through the membrane due to the
increase of the driving force. However, the thermodynamics of GSR is not favored by high
pressures as already discussed. The authors observed that superior hydrogen production
occurs at 1 atm and, for that reason, all the analysis was performed at this pressure. Fig.
10 [45] depicts the influence of both temperature and WGFR on the production of H,
through GSR in a MR. It is observable that, as expected, the increase of both temperature
and WGFR provoke an enhancement in the production of hydrogen. However, H;
production reaches a maximum at a certain temperature and then starts decreasing for
higher temperatures (such effect is not verified for H, removals of 99% and 100%).
Regarding the fraction of H; removal, removing more hydrogen shifts the thermodynamic
equilibrium towards higher hydrogen production according to the Le Chatelier’s principle.

Moreover, higher H; removal dislocates the maximum hydrogen production to lower

8



temperatures (Fig. 10a). While with no H, removal the maximum H; yield is approximately
6 at 925 K, the maximum yield becomes close to 7 at 825 K for 80% of H, removal, and
with fractional hydrogen removal of 0.99 and 1, the H; yield is close to 7 for all range of
temperatures considered. The same is verified for all range of WGFRs considered
(Fig.10b). Furthermore, the increase in H, production when the WGFR increases from 9 to
12 is very small. Consequently, the optimum conditions for GSR in the MR were found to
be 825-875 K, WGFR of 9 and 1 atm. The formation of both CO and CH4 is decreased by
selectively removing H,.

The formation of carbon was also analyzed by Wang et al. [45]. As can be seen in
Fig. 11 [45], a WGFR value of 4.5 is enough to completely inhibit carbon formation for all
range of temperatures and fractions of hydrogen removal tested. With exception to the
case of fractional H, removal of 0.99, the minimum WGFR required to avoid carbon
formation decreases slightly with the increase of temperature up to 800 K. From that point
on, the decrease with temperature is much faster and from approximately 873 K on, the
influence of the H; removal fraction on the minimum WGFR is practically negligible. For a
fraction of hydrogen removal of 0.99 the minimum WGFR required to inhibit carbon
formation decreases very rapidly. By comparing the different levels of hydrogen removal,
it can be observed that higher hydrogen removal leads to higher minimum WGFRs
necessary to inhibit carbon formation, except for 99% hydrogen removal (where the
minimum WGFR necessary to avoid carbon formation becomes lower than that for lower
hydrogen removal fractions at temperatures lower than 923 K). In any case, if the optimum

WGFR of 9 is used, no problems with carbon formation will exist.



3 GSR catalysts developments

In the last decade extensive research has been done regarding the heterogeneous
catalysis of the GSR reaction for either synthesis gas or H; production. The most
investigated materials until now have been Ni, Pt, Co and Ru-based catalysts. Other less
researched materials like Rh, Ir and Pd have also shown interesting attributes. Among the
above mentioned catalysts, Ni-based catalysts, as non-noble metal-based catalysts, have
been extensively studied. At the moment, the main goal is to design highly reducible and

with high oxygen mobility redox catalysts for low-temperature GSR [46].

3.1 Ni-based Catalysts

Nickel catalysts for the GSR have been extensively studied over the last years. A
big advantage that Ni catalysts present when compared to the noble metal-based ones is

their lower price.

3.1.1 Effect of the support on the catalytic performance

It has been found that the use of different supports in Ni-based catalysts results in
much different catalytic performances [47-51]. Table 1 summarizes the catalytic
performance and operating conditions of different Ni-based catalysts on GSR. Adhikari et
al. [48] compared the performance of Ni catalysts on different supports: MgO, CeO; and
TiO,. At 600 °C and WGFR of 9, it was observed the following order of H; selectivity: CeO;
(70%) > MgO (40%) > TiO; (15%). Moreover, the ceria supported catalyst was found to
present the lowest carbon deposition. It was suggested that ceria establishes a better
interaction with the nickel active phase, which leads to a higher metal dispersion and
inherently available surface area. Pant et al. [50] observed that the presence of ceria
affects the reduction of Ni** species, thus enhancing the catalyst activity. It has also been
suggested that the dual oxidation state (+4/+3) that ceria presents leads to oxygen release
which reacts with the carbon that is deposited, thus reducing coke formation [15, 52-55].
Moreover, Ni/Ce0Q; catalyst is able to enhance both methane reforming and WGS reaction
and presents high hydrogen selectivity through GSR [28, 56-58]. Also, it has been reported
that the H; yield is highly dependent on the nature of the active phase as well as its
interaction with ceria [28, 56, 57, 59].
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The acidic character of TiO; is responsible for the higher coke formation on
Ni/TiO,, which leads to a worse GSR performance [48]. Nichele et al. [51] showed that
Ni/TiO; has very low activity in C-C bond rupture, even at high temperatures, and that
the contribution of the WGS reaction is even smaller. This is due to the fact that anatase,
where nickel ions are incorporated after being oxidized and then reduced under H; flow,
is stable only at relatively low temperatures and its weak interaction with Ni is not able
to avoid re-oxidation of the metallic active phase in the steam reforming conditions [51].

Sanchez et al. [49], Pant et al. [50] and Adhikari et al. [56] analyzed the
performance of Ni/Al,O; catalysts for the GSR. The first group observed catalyst
deactivation after 8h time on stream (at 600 and 650 °C). Wen et al. [61] verified that Ni-
ALO; supported catalysts undergo quick deactivation. However, as already stated,
deactivation is highly dependent on, among another things, the support nature. Many
authors have verified the formation of carbonaceous deposits over Ni/Al;,O3, which led to
relatively fast catalyst deactivation [49, 50, 61, 62]. Normally, the formation of coke
deposits is associated to dehydration, cracking and polymerization reactions which take
place on the acid sites of alumina [63]. Besides presenting higher carbon deposition, Pant
et al. [50] also concluded that the prepared Ni/Al,0Os catalyst presented higher catalyst
sintering than the Ni-ceria supported one. It has been suggested that the sintering of the
Ni active phase is associated to a transition of alumina to crystalline phase during reaction
[64].

Nichele et al. [51] also tested a Ni/ZrO; catalyst, having concluded that it
presented high surface area, high stability at 650 °C and strong interaction of the support
with the metal phase. Also, it was found that for lower temperatures (500 °C) the zirconia
supported catalyst was even more active. However, there was a lower stability. In the
same work a Ni/SBA-15 was also used, having presented insufficient hydrothermal
resistance, which led to catalyst deactivation. However, sintering was avoided since it
provided a good stabilization of the Ni active phase.

Nickel supported on neutral SiC has been reported to present outstanding stability
and high yield of syngas [60]. The neutral nature of this material promotes an intrinsic
nickel contribution to GSR, especially in terms of dehydrogenation and decarbonylation.
Simultaneously, SiC leads to minimal side reactions from the condensation and the
dehydration induced by the basic and acid properties, respectively. Because of this, the

Ni/SiC catalyst is able to present high stability for GSR and low carbon deposition.
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It is, therefore, evident that the nature of the support affects mainly the stability
of the active phase. In order to reach a highly stable active phase, strong interactions
between the metal phase and the support are required. These strong interactions also

lead to higher activity and selectivity.

3.1.2 Effect of the addition of a promoter on the catalytic performance

In many studies reported in the literature, promoters have been used in Ni-
supported catalysts in order to improve their performance towards the GSR reaction.

Table 2 presents, in summary, the effect of the promoter on the catalytic activity.

As previously mentioned, ceria presents good characteristics for GSR, having for
that reason been used by many authors as a promoter [53, 67-69]. In general the addition
of Ce0, promoter enhances the activity of the non-promoted catalyst. This is mainly
related to the capacity of ceria to stabilize the nickel active phase and to promote the
steam reforming of the oxygenated hydrocarbons intermediates, thus leading to a
reduction of coke deposition. It has also been suggested that Ce inhibits secondary
dehydration reactions, which are normally favored by the presence of support acid sites,
which lead to the formation of hydrocarbons that are coke precursors and generate fast
catalyst deactivation [68]. It is, nonetheless, important to notice that the ceria loading
must not be too high. Iriondo et al. [53] suggest that for a 20 wt.% ceria promoter content
on alumina, ceria tends to interact with alumina instead of Ni, thus decreasing the
stabilization of the nickel active phase and lowering the available surface for Ni
dispersion. In the same way, it is also possible that the bigger size of ceria crystallites
could also diminish the interaction between ceria and nickel active phase [70]. On the
other hand, Cui et al. [54] showed that the activity of the Lao.3Ceo7NiO; mixed oxide
catalyst for GSR is enhanced compared to LaNiOs catalysts and that its performance is

comparable to that of a noble metal like Pt [54].

The use of ZrO, as a catalyst modifier has also been reported as an alternative
promoter [18, 65, 67, 68], despite the fact that ZrO; alone is not very active for steam
reforming [71]. Iriondo et al.[67] observed that the addition of zirconia promoter to
alumina not only enhanced the performance of the non-promoted catalyst but also
presented better GSR performance than the ceria-promoted catalyst. The addition of an
intermediate ZrO, content [65, 72, 73] enhanced the H; yield and the capacity of the

catalyst to reform intermediate products (thus suppressing secondary reactions), even at
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500 °C, due to the enhancement of H,O activation by ZrO,. It is suggested that this
improvement is associated to the formation of ZrO,-Al,O; species, which facilitates the
reduction of Ni** [65]. Pant and co-workers [18] came to similar conclusions after
performing GSR over a ZrO,-promoted Ni/CeO; catalyst. Zirconia is able to make the ceria
support more crystalline, consequently improving the metal dispersion. It is also known
that, in general, ZrO; inhibits sintering of metallic active sites in the presence of water at

high temperatures [64].

With the aim of reducing the acidity of alumina supports, thus preventing metal
sintering and catalyst deactivation, alumina supports have been modified with basic La;0;
[22, 66, 67, 74, 75]. It has also been reported the performance of a Ni/SiO, modified with
La,0s for the GSR [76]. The combination of SiO2, which is known to present large surface
area and weak acidity, and La;0s, favored the formation of H, and CO; and reduced carbon
formation. This decrease in the carbon formation with increasing La;0; content was due
to the formation of a La carbonate that removes C species deposited on the nickel sites.
Therefore, the 30 wt.% (highest La;0s; content used) La;0; catalyst presented itself as
promising system for GSR, since it was stable (Fig. 12) [76], while presenting good glycerol
conversion, good H; yield and low carbon formation.

The addition of basic Mg(ll) to Ni/Al,O; catalysts has been reported to prevent
carbon formation by favoring both the adsorption of H,0, Oz, CO; or -OH fragments and
the spillover of such fragments from the support to the metal particles [20, 77, 78], thus
facilitating carbon gasification. Moreover, the use Mg(ll) promoter in Ni/Al;03 materials
enhances the stability of Ni against sintering, since it decreases the degree of interaction
of Ni with alumina through intercalation between the nickel active phase and alumina.
Consequently, the incorporation of nickel in the alumina phase is inhibited [67]. It has
been found that the use of low amounts of Mg(ll) promoter leads to higher metal
dispersion, thus favoring glycerol conversion into gaseous products, while higher loadings
result in lower coke deposition [20]. Other basic promoters such as Mo [66, 79-83] and Ca
[66, 69, 79] have also been reported to enhance the GSR performance of non-promoted
catalyst, for the same reasons previously mentioned for basic modifiers. Huang et al. [66]
observed that the simultaneous presence of Mo-La-Ca inhibits the interaction between
nickel and the commercial Ca-containing Linde-type 5A zeolite support, thus resulting in
a remarkable stability during GSR (no deactivation during 100 h time-on-stream). Gong

and co-workers [84] verified that the synergetic effect caused by the partial substitution
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of La by Ca in the perovskite structure leads to enhanced metal dispersion and stronger

metal-support interaction.

Hakim et al. [85] studied the GSR reaction over hydroxyapatite-supported Ni-Ce-
Cu catalysts. It was found that doping with Cu influenced the catalytic performance of the
catalyst. Also, higher Cu contents led to higher glycerol conversions and hydrogen
production. Hakim’s group came to the conclusion that the interaction between CuO and
Ce0; on the hydroxyapatite support in the GSR reaction enhanced the active sites (more
active sites) of the catalysts. Moreover, the presence of ceria facilitated the reduction
and increased the dispersion of the copper species on the surface of the catalysts. In terms
of Ni content, it was found that it does not enhance significantly the production of H,. As
a matter of fact, it is suggested that since for the catalysts with higher Ni loading there is
a greater presence of NiO phase on the surface of the catalysts during preparation and
calcination, not all the nickel ions substituted the position of Ca®* in the hydroxyapatite

support and some metallic nickel became agglomerated.

Profeti et al. [86] studied the catalytic activity of Ni/CeO,-Al,0; catalysts modified
with noble metals (Pt, Ir, Pd and Ru) for the GSR reaction. The addition of noble metals
stabilizes the Ni sites in the reduced state, increasing the glycerol conversion and
decreasing the coke formation. Moreover, this stabilization of the nickel surface species
interacting with the support occurs at lower temperatures in the presence of small
amounts of noble metals due to hydrogen spillover effect. A more detailed review on noble

metal-based catalysts for GSR is done in further sections.

3.2 Pt-based Catalysts

Noble metal catalysts normally are more active and stable towards the GSR
reaction that Ni-based materials [87]. Pt-based catalysts are no exception and because of
that, many authors have studied the potential of these catalysts for H, production through

this process.

3.2.1 Effect of the support on the catalytic performance

Platinum catalysts supported on carbon have been investigated for the GSR either

for syngas or hydrogen production [88-90]. A summary of the catalytic performance and
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operating conditions of some Pt-based catalysts is presented in Table 3. It has been found
that Pt/C supported catalysts present higher stability during GSR than other Pt-based
materials making use of different supports (Al;03, ZrOz, MgO/ZrO;, and Ce0,/Zr0;); this is
due to the very low formation of C,-hydrocarbons, which is symptomatic of lower carbon
formation on the Pt/C catalyst [88]. Sutar et al. [89] attained catalytic results for GSR
over a Pt/C sample that are in general comparable to the ones presented in the previous
section for some Ni-based catalysts. However, for nickel catalysts those results were
obtained at temperatures around 600-700 °C, while in this case the temperature used was
400 °C - Table 3. Simonetti et al. [88] reported an even more noticeable superior activity

of Pt-based catalysts for the GSR compared to nickel ones.

Although Pt/C supported catalysts present very interesting results at relatively low
temperatures, they are more suitable for syngas production. Oxide supports, on the other
hand, promote the WGS reaction, thus being more appropriated for hydrogen production
with lower CO content [88, 93-96]. Despite this, acid ZrO; and Al,O; supports lead to fast
deactivation of platinum catalysts mainly due to coke deposition, which results from the
promotion of lateral reactions of dehydration, hydrogenolysis, dehydrogenation and
condensation [88, 97], as seen for Ni-based catalysts. It has been reported that the acidity
of supports decreases in the order Al,O3; > ZrO; > SiO; [97, 98]. Therefore, a solution for
this deactivation problem includes the use of a support with lower acidity, like SiO; [91,
97, 99]. According to Pompeo et al. [91, 97], the silica support allows the Pt catalysts to
promote mainly dehydrogenation reactions and subsequent cleavage of C-C bonds, thus
presenting excellent activity to gaseous products, high H; selectivity and remarkable
stability over time. It was also observed for Pt/SiO, supported catalyst that increasing the
Pt content maintains the same active phase (same metal dispersion and average particle
size). Therefore, the 2 wt.% Pt catalyst shown in Table 3 presented better performance
than the 1 wt.% Pt one. Moreover, a comparison between Pt and Ni catalysts supported on
SiO; was done at 350 and 450 °C. At these temperatures the Ni-based catalysts ended up
deactivating after a couple of hours, while the Pt-based catalysts presented higher
stability; moreover, at 350 °C the 2 wt.% Pt catalyst was considerably more stable than
the 1 wt.% Pt catalyst (Fig. 13) [91].

A Pt/Y,0; catalyst was tested for GSR by Cui et al. [54], having presented high

glycerol conversion into gaseous products as well as high hydrogen yield.
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3.2.2 Effect of the addition of a promoter on the catalytic performance

Similarly to Ni-based catalysts, the performance of Pt-based catalysts can be
enhanced by adding promoters. Table 4 summarizes the effect of different promoters on
the GSR catalytic activity of Pt-based catalysts. It has been demonstrated that the heat
of CO adsorption on Pt-based catalysts can be decreased by the formation of metal alloys
[100, 101]. Simonetti et al. [90] came to the conclusion that bimetallic Pt-Re/C catalysts
with atomic Pt/Re ratios < 1 are 5 times more active to syngas production through GSR
than monometallic Pt/C and Pt-Re with a higher Pt/Re ratio (10). The authors suggest that
the primary promotional effect of Re is to weaken the interaction between CO and the
surface, thus leading to faster turnover of catalytic sites. Kunkes et al. [93] added Fe; Cu;
Sn; Ir; Co; Ni; Rh; Os; Ru; or Re to Pt supported on C. The addition of Fe; Cu; Sn; Ir; Co;
Ni; or Rh had a detrimental or neutral effect on the catalytic activity for all reaction
temperatures (275-350 °C). According to Pompeo et al. [91], the fact that the coexistence
of Pt and Ni did not improve the catalytic performance suggests that the formation of a
bimetallic Pt-Ni phase affects the platinum electronic properties. On the other hand, the
addition of Os; Ru; or Re to Pt enhanced the syngas production comparatively to Pt/C,

being that Re was the promoter that allowed the best syngas production improvement.

The addition of ceria promoter has been verified as advantageous, but in this case
for platinum-based catalysts [88, 92, 97]. As already mentioned, the addition of ceria to
a support like alumina reduces its acidity, thereby improving the catalyst stability and H;
selectivity and reducing the formation of undesirable products and coke deposition.
Montini et al. [92] verified that the Pt/Ce0,/Al;Os catalyst, despite presenting improved
performance, still deactivated after 20 h time-on stream (Fig. 14) [92]. This deactivation
could be due to coke deposition on the active sites and only marginally due to Pt sintering.
Similar behavior, in terms of performance enhancement, has been observed for Pt-based
catalysts promoted with basic oxides like La;03 [92] and MgO [88]. However, the La;03
promoted catalyst only deactivated after 50 h time-on-stream, as can be seen in Fig. 14.

On the other hand, Pompeo et al. [97] reported the attainment, for a Pt/CesZria
catalyst, of higher H; selectivity and glycerol conversion to gaseous products than both
Pt/y-Al,Os; and Pt/ZrO, catalyst. The promoted catalyst presented higher average
platinum particle size than the other two catalysts. Claus and co-authors [102] suggested
that larger particles present a higher number of face atoms of the metal crystallite.

Moreover, the adsorption of oxygenated hydrocarbons for posterior C-C cleavage can be
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preferably performed at face positions, thus leading to higher hydrogen selectivity.
Furthermore, the simultaneous presence of Ce and Zr promotes the WGS reaction, thus

enhancing the H; selectivity [93].

3.3 Co-based Catalysts

Cobalt catalysts have shown good performance in ethanol reforming for hydrogen
production and are proposed as appropriate catalytic systems [103-105]. However they
have shown significant deactivation through sintering and surface cobalt deactivation.
Even so, many authors have investigated in the last years the catalytic behavior of Co-
based materials for GSR [23, 106-109].

3.3.1 Effect of the support on the catalytic performance

The use of alumina as support for Co active phase has been reported [107], having
been observed the existence of both strong and weak acid sites on the catalyst surface
with an acidic/basic ratio of approximately 5.5. Therefore, expected carbon deposition
was verified. Moreover, TPO-TPR and TPR-TPO cycles showed different reactivity of the
carbon deposited on the surface of the coked catalyst, meaning that there were at least
two types of carbon pools on the surface. One of the pools was reactive in the presence

of Hz while the other was inert to Hz, reacting only in the presence of Oz.

Zhang et al. [106] verified that Co/CeO, catalyst for GSR originated small
concentrations of CHs and CO at the reactor outlet stream. Furthermore, only slight
changes on their concentrations were observed while increasing the reaction temperature,
meaning that the Co/Ce0; catalyst did not catalyze effectively both WGS and steam
reforming of methane. Dehydration of glycerol was not observed over the ceria-supported
catalyst, and so no significant deactivation occurred.

A comparison of the catalytic performance of both types of catalysts described

along this section for GSR is presented in Table 5.

3.3.2 Effect of the addition of a promoter on the catalytic performance

It has been found that bimetallic Co-Ni/Al,Os catalyst, used by Adesina et al. [108],

presents an enhanced activity for steam reforming of methane and propane due to the
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synergism between the Ni and Co metals [110]. The reasons of such synergism are not,
however, disclosed. The coexistence of both Lewis and Bronsted acid sites was discovered
through physicochemical characterization. However, the bimetallic catalyst presents a
net surface acidity (acidic/basic ratio of 9). Analogously to what was reported elsewhere
[107], it was verified the occurrence of carbon deposition during reaction, which led to a
reduction of the surface area and pore volume of the catalyst. Furthermore two types of
carbon deposits were observed once again, being that one of them is inert to H; as well.
The GSR catalytic activity of this promoted catalyst is compared in Table 5 with that for
the non-promoted catalysts presented in the previous section.

CeZr mixed oxides have also been target of attention since they allow the insertion
of transition metals, like Co and Ni, and/or noble metals, like Ru and Rh, into the oxide
structure, thus increasing the active phase-support interaction [111-113]. Araque et al.
[23] evaluated the effect of the active phase by using two mixed oxide catalysts:
CeyZr1.5C0050s.5 and CezZr1.5C00.47Rho.070s.s. Rhodium did not significantly affect the
glycerol total conversion. However, it highly affected the conversion of glycerol into
gaseous products at the expense of liquid ones. It was also observed an enhancement of
the 24 h average H, production from 1.6 molHz-molgy.in" up to 5.8 molH;-molgy.in™* when
Rh was added to the mixed oxide catalyst. Also, for the Rh-containing catalyst, an average
production of H, of 6.7 molH,-molgy.in™ was obtained for over 16 h, while the other catalyst
kept stable only for 1 h. The enhanced behavior of the Rh containing catalyst is related to
the capacity of Rh to break the C-C bonds. The loss of activity verified is due to the loss
of the C-C bond breaking capacity, since C;H4 formation was observed when deactivation
occurred. In another work, Roger and co-authors [109] studied the effect of the Ce/Zr
ratio in fluorite-type mixed oxides of CeZr-CoRh catalysts on the H, production by GSR.
Catalysts with three different Ce/Zr ratios were prepared: Ceo.53Zr2.97C00.47Rh.030s.5 With
poor ceria content (CZPCoRh), Ce;Zr1.5C00.47Rh0.030s.5 With intermediate ceria content
(CZ'CoRh), and Ce2.59Zr0.91C00.47R0.030s-s rich in ceria (CZRCoRh). It was observed that the
increase of the Ce content enhances both the stability (Fig. 15) [109] and selectivity
towards H; and CO,. This happens because of the improved cobalt reducibility and re-
oxidation properties, oxygen storage capacity and metal support interaction. Also, the
catalytic stability and activity of the catalysts is related to their capacity to activate H,0
under reaction conditions, thus favoring the steam reforming reaction over the

decomposition reaction. By increasing the Ce content, the H,0 activation is favored for a
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longer period of time, thus allowing carbon gasification and delaying the catalyst

deactivation; even so this effect is not very pronounced (Fig. 15).

3.4 Ru-based catalysts

Ruthenium is currently, along with nickel and platinum, one of the most promising
materials to catalyze hydrogen production through GSR. Moreover, Ru is the least
expensive among all noble metals [114]. Ru-based catalysts have been reported has having
superior catalytic activity for H; production, not only through GSR but also through
methane steam reforming, for example [1, 115, 116]. By comparing the GSR activity of
catalysts loaded with Group 8-10 metals supported on oxides (Y203, ZrO;, CeO,, La;0s,
Si02, MgO, Al;03), the order Ru = Rh > Ni > Ir > Co > Pt > Pd > Fe was found in La;0s-
supported materials [117]. It has also been reported that the order of the catalytic activity
of Group 8-10 metal catalysts over SiO; is as follows: Ru = Rh > Ni > Ir > Pt = Pd >» Co =
Fe [117].

3.4.1 Effect of the support on the catalytic performance

Hirai et al. [117] prepared several catalysts loaded with Group 8-10 metals
supported on Y;03, ZrO,, CeO,, La;03, SiO2, MgO, and Al;0; via a conventional impregnation
method. Among all the metals used, Ru was the one that showed the best catalytic
activity. Therefore, since ruthenium allowed the attainment of the highest H, yield, the
effects of the previously mentioned supports for ruthenium on GSR were evaluated at 600
°C. The Ru/MgO supported catalyst showed very low glycerol conversion to gaseous
products compared to the other samples. This low activity is due to the fact that
ruthenium on MgO is hard to be reduced to metallic ruthenium and so the number of active
sites would decrease [118]. The Ru/Al;0; supported catalyst presented the lowest glycerol
conversion into gaseous products. It also showed low H; yield because of the higher
selectivity towards methane production and lower selectivity to CO,. On the other hand,
both Ru/Y,0; and Ru/ZrO, supported catalysts presented high glycerol conversion into
gaseous products and H; yield. In fact, the Ru/Y,0; sample was the one that presented
the best results. This has been attributed to the ability of yttria to promote de WGS
reaction [119]. Considering this, an optimization of the loading level of ruthenium was

performed at 500 °C, to compare the catalytic activity at lower conversions [117]. The H;
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yield kept increasing as the ruthenium loading increased up to 3 wt.%. A further increase
in the ruthenium loading to 5 wt.% did not affect the H; yield and so, the optimal loading
was found to be 3 wt.%. Finally, it was observed that both glycerol conversion into gaseous
products and H; yield did not decrease during a 24 h time-on-stream test, as shown in Fig.
16 [117]. Very small carbon deposition was verified after 24 h reaction, thus meaning that
the 3 wt.% Ru/Y,03; material is apparently resistant for the deactivation caused by carbon
deposition. However, some deactivation caused by sintering of the dispersed catalytic
metal clusters was observed. Ultimately the authors concluded that the Ru/Y;0; catalyst
presents very high performance in GSR. The catalytic performance of some of these Ru-

based catalysts for GSR is presented in Table 6.

3.4.2 Effect of the addition of a promoter on the catalytic performance

Kim and Lee [119] studied the GSR on Ru and Ru-Me (Me = Fe, Co, Ni, and Mo)
catalysts supported on Y;03, Ceo.5Zro502, and commercial y-Al;0s. It was verified that the
use of different supports affects the performance of the catalysts, being that for the Ru-
based catalysts supported on reducible yttria and ceria-zirconia there was a significant
enhancement of the H, production turnover rate and selectivity. This happens because
these supports tend to facilitate the WGS reaction. On the other hand, the acidic y-
alumina supported Ru-based catalysts showed low H; production turnover rate, high CO
selectivity and formation of C-C; hydrocarbons for the reasons already stated.

In opposition to what was verified for the different supports, the metallic
promoters did not influence much neither H, production rate nor selectivity. On the other
hand, the addition of metallic promoters led to lower catalysts deactivation. In terms of
coke deposition, both yttria and ceria-zirconia supports showed superior resistance against
coke formation on the catalysts. In fact, very small deposited amounts of carbonaceous
species were verified for these supports (< 3 wt.%). However, deactivation of the catalysts
at levels between 15% and 80% was observed. Since the low amounts of deposited coke
could never lead to such deactivation levels, the authors suggest that sintering of the
dispersed catalytic metal clusters was the cause of the verified activity drop. As can be
seen in Fig. 17 [119], the Ru-Mo/Ceo.5Zro.50; and Ru-Mo/Y,0s catalysts exhibited superior
stability against deactivation by sintering and lower carbon deposition. The results suggest

that the MoOx species effectively diminished sintering of the surface metal clusters.
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Ru-based catalysts supported on Mg(Al)O mixed oxide were reported by Gallo et
al. [120, 121]. The Mg(Al)O mixed oxide support plays an important role in enhancing the
performance of the catalyst. Ru based catalysts supported on Mg(Al)O mixed oxides have
been reported in the literature to present good performance in steam reforming of ethanol
[123], acetic acid [124] and hydrocarbons [125-127]. It is known that Mg(Al)O oxides are
able to stabilize supported metal nanoparticles, even at high operating temperatures
and/or glycerol concentrations, thus avoiding metal nanoparticles sintering [120]. The
presence of Mg in the support is, in part, responsible for this good behavior. The effect of
Sn doping on the bimetallic Ru-Sn/Mg(Al)O supported catalysts was accessed as well by
using catalysts with different Sn loadings [120]. The Ru-based catalyst without tin showed
very high glycerol conversion with high selectivity towards H, and CO,, and CO selectivity
lower than 10% during the entire catalytic run. By increasing the tin loading, a progressive
increase in both CO and CH4 selectivity was verified. On the other hand, the CO; selectivity
decreased gradually. Therefore, the catalysts that showed the most attractive results in
terms of specific H, productivity (mmol Hz:mmol Ruex '-min’') and specific activity (mmol
glycerol-mmol Ruex,'-min™') was the catalyst with the lowest tin content (Sn/Ru molar
ratio of 0.33). It was concluded that the addition of tin has different effects depending
on the Sn/Ru molar ratios. For low Sn/Ru molar ratios it was verified that both activity
and H; productivity per exposed Ru sites are significantly enhanced, since tin selectively
coated Ru faces, and only co-ordinatively unsaturated Ru sites, which are the most active
ones, are exposed. However, by increasing the ratio a large amount of acidic tin oxides is
unselectively deposited onto support materials. Therefore, glycerol decomposition is
promoted rather than GSR, thus leading to high amounts of CO and finally to coke
deposition responsible for the catalyst deactivation [120]. A comparison between the GSR
performance of some of the promoted ruthenium catalysts here discussed and the non-

promoted catalysts discussed in the previous section is presented in Table 6.

3.5 Other noble metal-based Catalysts

In addition to the materials analyzed in the previous sections, there are others that
have not been so frequently reported in the literature for H; production through GSR, but

still present some interesting results. In this section some of those materials are reviewed.
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Zhang et al. [106] studied, has already mentioned, the performance of ceria-
supported Ir, Co and Ni catalysts for GSR in the temperature range between 250-600 °C.
Among all the catalysts tested, the Ir/Ce0O, sample was the one that presented the best
performance. It was verified that the methane concentration greatly decreased with
increasing temperature, thus meaning that the steam reforming of methane has occurred
in a significant extent. Consequently, most of the produced methane was converted into
H.. Also, the increasing concentrations of CO; in the outlet gas stream and progressively
lower CO content for increasing temperatures, indicates that the Ir/CeQ; catalyst
successfully catalyzes the WGS reaction. Therefore, Ir/Ce0O, seems to be a very promising
catalyst for GSR.

Chiodo and co-workers [128] reported the comparison between a Rh/AL,03 catalyst
and several Ni supported materials for the GSR. The group came to the conclusion that
the rhodium catalyst is more active and stable than the nickel-based ones. However, after
approximately 8 h fast deactivation of the catalyst was verified. Rodhium catalysts are
more resistant to coke formation than Ni-based due their high activity in hydrogenation
reactions which, in case of removal of unsaturated compounds from the catalyst surface,
is fundamental to avoid coke formation. Furthermore, Rh materials are active in C=C bond
activation. Considering that the main species that reach the catalyst surface are CO and
olefins (C;H4, C3He), it is therefore deducible that the catalytic performance depends on
the tendency towards C=C cleavage and coke formation inhibition through polymerization
of CHy species and/or CO dissociation (Boudouard reaction) [129-132]. Despite this, there
are still some improvements that need to be done regarding the relatively fast
deactivation of Rh-based catalysts.

Ebshish et al. [133] compared the catalytic performance of 1 wt.% Ce/Al;,0s; and 1
wt.% Pd/ALO; catalysts, as well as the performance of 1 wt.% Ce/Al,0; and 10 wt.%
Ce/AL,0s. The authors observed that the 1 wt.% palladium catalyst supported on alumina
presented better glycerol conversion to gaseous products as well as better H; yield than
both 1 wt.% Ce/Al,03 and 10 wt.% Ce/Al;O3 catalysts. In terms of Hz selectivity, the 10
wt.% Ce/Al,0; sample was superior to the other two catalysts, having low amounts of
carbon oxides been formed. This enhancement was suggested to be due to the higher
metal loading. However, it also presented higher carbon formation than the other Ce-
based catalyst. It has been concluded that in general Pd is more active and more stable

than Ce because of its favorable lattice parameters. It is also important to remark the
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fact that this was the first time that Ce was reported as having been used as a catalyst for
GSR. In all the previous works, only its oxide had been used as catalyst support.
A summary of some of the catalysts reviewed in this section and their catalytic

performances in GSR is presented in Table 7.
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4 Mechanisms and Kinetics

Establishment of reaction rate equations for any process, and for GSR in particular,
is crucial for reactor design, while the comprehension of the associated mechanism may
lead to improvements in catalyst design with the inherent implications at industrial scale.
In the last years many authors have studied the kinetics of the GSR over different catalysts
and have proposed different reaction mechanisms, being that there has not been full
agreement on this matter. In this section a review of the proposed reaction kinetics, as
well as the most accepted reaction mechanisms is done. This is, as mentioned above,

fundamental for reactor modeling, design, optimization and operation.

Normally the reaction rate data for the GSR have been fitted to a general power-

law type equation with the following form:

—TGsR = kpgpll/’v (15)

where k is the reaction rate constant (defined by the Arrhenius equation), p; and p,, and
a and b are the partial pressures and the reaction orders of glycerol and steam,

respectively.

Normally it is difficult to compare activation energies reported in the literature
since the conditions used differ from study to study. Moreover, special attention should
be put on whether or not mass (and even heat) transfer resistances are absent, so that
cases of kinetics falsification can be identified. In Table 8 are presented some literature
values of kinetic parameters obtained for some of the most relevant GSR catalysts in the
absence of any resistances. In terms of activation energy, a comparison between all the
Ni-based and Co-based catalysts presented in Table 8, which were tested at higher
temperatures, can however be done. Among these catalysts, it is possible to notice that
while the Ni or Co/AlO3 supported catalysts present activation energies around 60-70
kJ/mol, both the 24.1 wt.% Ni- 26.1 wt.% Mg- 49.8 wt.% Al sample and the 15 wt.% Ni- 10
wt.% ZrO,/Ce0O, material present activation energies of 38 kJ-mol" and 43 kJ-mol”,
respectively. This suggests that the reaction mechanism or the rate-determining step for
the last two samples may be different from that over the other catalysts. On the other
hand, both Ru-based and Pt-based catalysts were tested at lower temperatures, being
that the 5% Ru/Al;O3 sample, among all catalysts in Table 8, is the one that presents the

lowest activation energy. Vaidya and co-authors [114] suggest that this might occur due
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to the enhanced catalyst activity even at low reaction temperatures, which is associated
to the high loading level of Ru. It should also be noticed the substantial difference
between the activation energies of both Ni/CeO; catalysts (36.5 vs. 103.4 kJ-mol™). Since
for both cases, external and internal mass transfer limitations were minimized by selecting
suitable flow rates and an appropriate particle size range, respectively, this peculiar
difference may be associated to the different temperature ranges used, possibly different
metal loadings, and different preparation methods. The last factor is probably the one
that contributes the most to the verified significant difference. In comparison to the wet
impregnation technique, the deposition-precipitation method improves, among other

things, the metallic dispersion and decreases catalyst sintering.

In terms of glycerol partial reaction order, all Ni-based catalysts presented similar
values (0.2-0.5) except for the Ni-Mg-Al sample, which presents a value of 1.0. This
difference suggests that different reaction mechanisms or different rate-determining
steps may exist for these catalysts. Regarding the Co-based materials, both present low
values of glycerol partial reaction order, especially the Co/Al,0O; catalyst. As a matter of
fact, this catalyst also presents small values of glycerol partial reaction order for the
production of C4 products (CO2, CO and CH4). This might indicate the existence of a
cancellation effect of the molecularly adsorbed glycerol in the rate-controlling step and
the presence of a glycerol adsorption term in the denominator of the Langmuir-
Hinshelwood rate expression (see eq. (30)) [107]. Therefore, an apparent reduced order
for glycerol in the overall reaction rate is obtained. For the Pt- and the Ru-based catalysts,
glycerol partial reaction orders of 1 were considered as a valid approach for the low
glycerol concentrations used. However, this assumption may not be valid for more
concentrated solutions, which can be used during real operation in reformers. In terms of
H,0 reaction order, for most of the catalysts in Table 8 it is considered to be zero due to
the use of excess of water. For the others, however, values between 0.3-0.4 were obtained

despite the excess steam used.

The formation rates of H;, CO,, CO and CH4 have been often fitted to a power-law
expression (eq. (15)) as well [107, 108, 134]. For all cases, the formation rate of CO was
inhibited by steam (negative value of b). This can either be because of the competitive
adsorption of steam on the same active sites as the surface precursor for CO production
(especially at high steam partial pressures), or because of CO consumption via WGS

reaction [134]. For the other gases, positive values of a and b were obtained, meaning
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that both glycerol and steam positively contribute to Hz, CO; and CH4 formation. In terms
of activation energy, Hz, CO; and CO formation present similar values (in the range 60-75
kJ-mol™") [108, 134] while the formation of methane presents a much higher activation
energy (100-120 kJ-mol™") [107, 108, 134].

In what concerns the reaction mechanism, Adesina and co-workers [108] came to
the conclusion that the most adequate one for the GSR reaction over the 5 wt.% Co-10
wt.% Ni/Al,O; catalyst is the Langmuir-Hinshelwood dual site mechanism with molecular

adsorption of both glycerol and steam. This mechanism involves the following steps:

C3Hs03 + X1 & C3Hs05-X; (16)
H20 + X2 & H20-X; (17)
C3Hg03-X1 + Hy0-X; - HCOO-X; + CH,0HCHOH-X; + 2H; (18)
HCOO-X; - CO; + H-X; (19)
CH20HCHOH-X; + H-Xa = CH,OH-X4 + CH30-X; (20)
CH20H-X4 + Xa = CHz-Xs + OH-X, (21)
CHz-Xs + H-Xz = CH3-Xs + X (22)
CH3-X1 + H-Xz > CHa + X4 + X2 (23)
CH30-Xs + Xz = CH0-Xs + H-X; (24)
CH20-X1 + X3 » HCO-X1 + H-X; (25)
HCO-X1 + X2 = CO-X1 + H-X; (26)
CO-Xy & CO + X (27)
CO-X1 + OH-X; & COz + H-Xz + Xy (28)
2H-X; & Hy + 2X; (29)
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where X; and X; represent the basic and the acid active sites, respectively. The authors
suggested that surface reaction was rate-controlling, and so the following kinetic
expression was proposed [108]:
kpgrw

— 30
r (1+ Kgpg)(1+ Kwpw) (30)

where K; and K,, are the adsorption constants of glycerol and steam, respectively. In
another work, Cheng et al. [134] concluded that the GSR reaction rate over a Ni/Al;0;3
supported catalyst is better described by a Langmuir-Hinshelwood model considering
molecular adsorption of glycerol and dissociative chemisorption of steam, on two different
sites, with the surface reaction as rate-determining step. The authors proposed the

following mechanism represented by eq. (31-44).

C3Hs03 + X1 & C3Hg03-X4 (31)
H,0 + 2X; < OH-X; + H-X; (32)
C3Hs03-X4 + H-Xa = CH,0HCHOH-X; + CHOH-X; + 2H, (33)
CHOH-X; — CO-X; + Ha (34)
CH;0HCHOH-X; + H-X; = CH,OH-X + CH30-X; (35)
CH20H-X4 + X2 = CHz-X4 + OH-X, (36)
CH2-X1 + H-Xa = CH3-Xs + X2 (37)
CH3-X1 + H-Xa > CHa-X1 + X2 (38)
CH30-X1 + X3 = CH20-X1 + H-X; (39)
CH20-X1 + X2 » HCO-X4 + H-X; (40)
HCO-X1 + X2 = CO-X1 + H-X; (41)
CO-Xs & CO + X (42)
CO-X1 + OH-Xz & COy + H-Xz + X (43)
H-Xz + H-X; & Hy + 2X; (44)

This mechanism yielded the following rate equation [134]:
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. kPg\/Pw 45
"~ (1+KgPe)(1+ JKwPw) (45)

In another mechanistic study, Byrd et al. [15] observed the presence of very low
concentrations of organic carbon in the product stream, which suggests that intermediates
like alcohols or organic acids, formed from C-O cleavage, were further transformed into
gaseous products. For this reason, a different mechanism was proposed to describe the
GSR over the 5% Ru/Al;O; catalyst [114] and was also admitted to be valid for the 15 wt.%
Ni/CeO; one [50]. This mechanism involves the reversible adsorption of glycerol on the
catalyst active sites followed by its reaction with water, thus forming an adsorbed
complex molecule. This complex on its hand decomposes into intermediate products,

which irreversibly yield H; and CO,. These steps are described by the following equations:

lik—l
C3HsO3 + X «—— C3Hs03-X (46)
k
C3HgOs-X + H,0 = Complex-X (47)
ks . ky
Complex-X - Intermediates —» CO; + H; (48)

By applying steady state hypothesis to C3HgO3-X and Complex-X and assuming that the
decomposition of Complex-X into intermediate products is the rate-determining step, the

reaction rate was expressed as [50, 114]:

kqk
r = 1K2DGPw (49)
[k_1+ ky1pG+ kapw+ (kK1kapopw/k3)]

Considering that water is in excess and that the operation pressure is constant, p,, can be

assumed to be almost equal to py,. Therefore, eq. (49) is simplified to:

k
r = _XPG (50)
1+bpg

where k and b are defined as:

kqik
k = 1%2Pwo (51)
k_1+ kapwo

b= ki+ (k1kapwo/ks3)
k_1+ k2pwo

(52)
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Carbon deposition, as already discussed, is one of the most common causes of
catalyst deactivation in GSR reaction. The influence of carbon deposition on the physical
properties of the catalyst has already been discussed, as well as the nature of these
deposits. On the other hand, the determination of carbon deposition kinetics is very
helpful in terms of creation of more realistic reactor models, and better reactor design
and operation. Cheng et al. [136] observed that the coke deposition rate on a 5 wt.% Co-
10 wt.% Ni/Al,O; catalyst during GSR can be relatively well described by a power-law

model as follows:

Tcoke deposition = kcpgpll/ljl (53)

where k. is the coke deposition reaction rate constant. At temperatures between 500-550
°C and glycerol partial pressures between 4.5-16.5 kPa, the parameters a and b were
determined to be 0.55 and -0.22, respectively, being the activation energy 40.9 kJ-mol ™.
These values were found to be lower than those obtained for carbon deposition caused by
CsHs [137, 138], which is structurally very similar to glycerol. Regarding the lower
activation energy, it may be explained by the presence of the functional OH group on each
of the carbon atoms in the parent chain of glycerol, which makes it more reactive than
propane (less electron-withdrawing H on each C atom). Moreover, the equilibrium
constant of propane dehydrogenation into hydrogen and carbon is lower than that of
glycerol decomposition into carbon. Therefore, the authors concluded that the adsorption
of glycerol is stronger than for propane, in other words, it leads to easier carbon deposition
[136]. Keeping this in mind and considering the empirical rate law, it was suggested that
glycerol adsorbs dissociatively while steam is molecularly chemisorbed. Therefore, a
Langmuir-Hinshelwood rate model considering a bimolecular rate-controlling step was

proposed [136], yielding the following rate equation for coke deposition.

_ kepwyPe

T iy =
coke deposition 2
(1+ KwPw+ [Kgpg)

(54)
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5 Sorption-Enhanced Reactors

In the last years, alternatives for improving the catalytic GSR process have been
investigated. The main common reason that motivates this search is the necessity of
overcoming equilibrium limitations, and also producing highly pure hydrogen that is
suitable to be used in PEMFCs, for example. One of those alternatives is the Sorption
Enhanced GSR (SEGSR) process, which consists on combining the catalytic GSR and CO;
capture in the same physical device. This innovative configuration allows “affecting” the
thermodynamic equilibrium of the GSR reaction by removing one of the reaction products
from the reaction medium. Some of the more important advantages of sorption-enhanced
reactors (SER) comparatively to tradition reactors (TR) are:

e Shift the equilibrium of reversible reactions towards higher conversions;

¢ Enhancement of both hydrogen yield and selectivity;

e Attainment of better performance than in a TR at the same (or even less drastic)

operating conditions.

However, the main disadvantage of this system is that the CO; sorbent gets saturated at
some point and then regeneration is necessary. In order to be possible to run continuously,
the system must encompass, for example, two reactors, being that while one of them is
used as SER the other is used as regenerator; the approach is the same as used in other
cyclic processes like PSA (Pressure Swing Adsorption), etc. Another example of such a
continuous SEGSR system is presented in Fig. 18 [139]. Besides the two moving-bed
reactors in which both catalyst and sorbent are moved at a velocity of 9-11 cm-min™, a
riser is used for transporting the particles with N,. There is also a system for injecting the
particles of catalyst and sorbent at the top of the reactor (cyclone section) in order to
compensate for the losses during the runs, which amount is close to 5% every 5 min [139].

The successful use of SERs for GSR depends, above all, on choosing an adsorbent
with suitable characteristics and selecting appropriate operating conditions. Such matters

are target of focus in the following section.

5.1 CO; Sorbents

Different materials like hydrotalcites [140-144], CaO-based materials [145-149],

lithium zirconates [150-154] and lithium silicates [155-159], among others, have been
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reported in the literature as CO; sorbents for SERs applications. It is expected from a good
CO; sorbent to couple in a GSR process to present high CO; capture capacity and selectivity
at moderated temperatures (300-500 °C), good regenerability (adequate sorption-
desorption kinetics), good hydrothermal and mechanical stability and low-cost [160-163].
The sorption capacities and sorption/regeneration temperatures of several sorbents are

summarized is Table 9.

Hydrotalcites are a family of clay minerals that consist of a double-layered
hydroxide structure with the general formula [M".M"(1-y(OH)z][A" ], /,,-mH,0, where M"
and M" represent di- and trivalent metal ions inside the brucite-like layers and A™~ is a
charge compensating anion [143, 167]. Aschenbrenner et al. [143] observed that NiMgAl
hydrotalcite presented 53% more adsorption capacity than NiMgAlFe hydrotalcite and high
stability. A comparison between a commercial hydrotalcite and two potassium and
potassium-sodium containing hydrotalcites allowed to conclude that the last one
presented the highest adsorption capacity while the potassium containing hydrotalcite
presented no significative deactivation after more than 50 cycles of operation [142]. K-
doped hydrotalcite-based sorbents have been reported elsewhere to present a CO; capture
capacity as high as 9 mol-kg™ at 300 °C but under wet conditions (Table 9) [141]. Under
dry conditions, the maximum value reported was around 1.8 mol-kg™ (Table 9), which is
an outstanding value taken into account the temperature (300 °C) and that it was not
tested under the presence of steam. It has also been found that the physical and chemical
properties of hydrotalcites are highly influenced by the charge compensating anion used.
Wang et al. [168] analyzed several charge compensating anions (COs*; HCO3'; NO*; SO4%;
and Cl) having observed that when using CO;*, a spheroidal “sand rose” type of
hydrotalcite with very high BET surface area (114.3 m?-g™") was produced. On the other
hand, the other anions led to the formation of “stone” type hydrotalcites with very low
surface areas (<9 m?-g”). For this reason, the Mg;Al;-COs hydrotalcite presented the
highest CO, capture capacity. The thermal stability was also found to depend on the anion

used, being that the Mg3Al;-SO4 was the one that presented the highest thermal stability.

Other adsorbents like CaO-based materials, and lithium zirconates and silicates
present in general a lower CO; capacity and slower adsorption kinetics at 300-400 °C,
higher regeneration temperature (>650 °C) and gradual deactivation due to sintering of
the active surface [140]. They have however significant adsorption capacities, but at much

higher temperatures (Table 9). Wang et al. [145] avoided sintering of nano CaCOs during
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multiple carbonation/calcination cycles by applying a TiO; coating. Akgsornpeak et al.
[149] avoided the same problem by preparing CaO sorbents through sol-gel synthesis in
the presence of cetyltrimethyl ammonium bromide (CTAB). Besides that, the CaO sorbents
prepared with CTAB also exhibited high carbonation reaction rates, and the best CaO
sorbent presented carbonation conversion 154% more effective than the CaO prepared in
the absence of CTAB. The incorporation of Y203 has been recently reported to significantly
enhance the carbonation rate and adsorption capacity of CaO-based CO; sorbents [147].
Similarly to hydrotalcites, the addition of optimized amounts of K to Li,ZrOs; sorbents was
reported to enhance its CO; sorption rate and capacity. Moreover, they showed good
stability [152]. However, Lapkin and co-workers [154] came to the conclusion that a
traditional route to K-doped materials result in slow regeneration. On the other hand, a
new soft chemistry route that produces high surface area undoped materials led to much
higher rates of reaction/regeneration. Seggiani et al. [156] analyzed the performance of
different doped-LisSO4 CO; sorbents, having observed that the K-doped and Na-doped
presented the highest CO; sorption capacities and sorption rates. In terms of stability,
only the potassium-doped sorbent was able to keep its properties after 25
sorption/desorption cycles. In another work, it was shown that Li,SiO4 treated with glacial
acetic acid presented stable CO; sorption capacity, higher specific surface area and higher
porosity than limestone and LisSi04 without acid treatment [157].

The decision on which kind of CO; sorbent is more adequate to be used in SEGSR
strongly depends on the operating temperature at which it will be employed. Since one of
the main goals at the moment is to reduce the GSR temperature in order to reduce
operation costs, it is desirable to work at relatively low temperatures (300-500 °C). For
such temperatures hydrotalcites have been reported to present higher CO; capacities and
faster sorption kinetics, as well as easier regeneration, and lower loss of sorption capacity
[140, 141]. Moreover, the fact that the CO, capacity of hydrotalcites is strongly enhanced
under wet conditions (steam reforming conditions) makes them an even better candidate
for use in SEGSR.

5.2 Sorption Enhanced Glycerol Steam Reforming

The catalytic GSR performed in TRs presents some limitations as already

mentioned, including the thermodynamic constrains. On the other hand, when CO; capture
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is performed simultaneously with the GSR reaction in a SER, the thermodynamic
equilibrium is shifted towards higher glycerol conversions and hydrogen yields. A typical
evolution profile of the product gas composition (N; free and dry basis) in a SEGSR over a
mixture of Ni-Co/hydrotalcite-like catalyst and calcined dolomite as CO; sorbent is
illustrated in Fig. 19 [169]. The performance of the SEGSR is highly dependent on the CO;
capture. It can be seen in Fig. 19 that there are 3 distinct regimes along time: pre-
breakthrough, breakthrough and post-breakthrough. In the pre-breakthrough regime (up
to 140 min), most of the CO; was removed by fast carbonation reaction with CaO, thus
enhancing hydrogen production. In the breakthrough regime the H; concentration starts
decreasing. In the post-breakthrough regime the CaO sorbent is already saturated and so
the enhancement of hydrogen production due to CO; removal disappears; at this stage the

SEGSR becomes GSR (conventional fixed-bed reactor).

In the following sections are shown the effects of the main operating conditions in

the SEGSR, comparing, whenever possible, with the thermodynamic equilibrium.

5.2.1 Effect of Temperature

The influence of temperature on the performance of a SEGSR reactor has been
analyzed by several authors, due to the crucial importance of choosing an appropriate
temperature range in order to fully benefit of the advantages of this innovative reaction-

separation system.

Chen et al. [44] compared the product gas composition of a GSR reactor obtained
with and without in situ CO; removal, and each of them with the respective
thermodynamic equilibrium limits. Such comparison is depicted in Fig. 20 [44]. The SEGSR
tests were performed until the calcined dolomite was saturated, being that from that
point on the GSR took place. A Co-Ni/hydrotalcite-like catalyst and ARCTIC dolomite
(98.5% CaMg(COs);) CO; sorbent were used. Regarding the GSR product gas composition,
the thermodynamic equilibrium trends are in general followed by CO and CH4. However,
the H; content is slightly higher and the CO; content is slightly lower than the equilibrium
values for GSR. The authors suggested that this happened because of the very slow CO;
removal by the dolomite sample in the second carbonation regime (i.e. the reactor was
not yet operating as a conventional GSR one, because some carbon dioxide sorption was

still occurring). By comparing both SEGSR and GSR it is observed, as expected, that the in
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situ selective removal of CO; enhanced the hydrogen production and originated a lower
CO content due to the promotion/shift of the WGS reaction equilibrium, which
consequently promoted SRM. Both experimental and thermodynamic equilibrium gas
composition values are in agreement for SEGSR. In terms of the effect of temperature, a
compromise between the WGS reaction, SRM and CO; sorption has to be considered. At
higher temperatures, both exothermic WGS reaction and CO, sorption are less favored
while the endothermic SRM is benefited. As can be seen for SEGSR, both CO and CO;
contents increase with temperature, being that CO is more influenced because of both
the increase of CO; concentration in the adsorption equilibrium and decrease of the WGS
reaction equilibrium constant. The methane content, on the other hand, decreased since
high temperatures favor SRM. Finally, the hydrogen purity decreased as well due to the

presence of higher amounts of CO and CO.,.

Dou et al. [122, 170] analyzed the purity of hydrogen as a function of time at
distinct temperatures (400-700 °C [122] and 500-700°C [170]) while using dolomite as CO;
sorbent. As expected, the highest hydrogen purity was obtained in the pre-CO;
breakthrough period. The periods of production of hydrogen with purity higher than 90%
were 3.6, 6.8 and 5 min at 400, 500 and 600 °C, respectively. At 700 °C, the maximum H;
purity was 77% with a CO, breakthrough time of 0.7 min [122]. A similar behavior was
observed in [170]. The authors suggest that the effect of SEGSR was particularly low at
700 °C because the carbonate decomposition (calcination) in the presence of steam is
significantly active at that temperature for dolomite. Moreover, the calcined dolomite
presents some affinity towards steam in order to form Ca(OH); (eq. (13)). In another work,
Dou and co-workers [139] observed that the high-purity hydrogen production period did
not vary much when the operation temperature was increased from 500 °C to 600 °C, while
using CaO as CO; sorbent. Chen et al. [171] observed, while using an hydrotalcite CO;
sorbent, a decrease of the GSR enhancement when the temperature was increased from
400 to 500 °C. Thus, the operating temperature should be chosen so that the GSR

enhancement caused by in situ CO; capture is maximized.

5.2.2 Effect of the Water/Glycerol Feed Ratio

It is well known that the WGFR has an important influence on the GSR reaction. It

was verified in section 2.2 that increasing the WGFR affects the thermodynamic
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equilibrium of the SEGSR process. However, in actual operation additional effects may
occur. Such effects are target of discussion here.

Chen and co-workers [44] analyzed the performance of the SEGSR for different
values of WGFR in the range of 3-9. A comparison between the evolution of product
composition with time on stream at WGFRs of 3, 4 and 9 was done. During the pre-CO;
breakthrough period, in particular, the authors observed that for a WGFR of 9 the
maximum H; purity is higher than that for a WGFR of 3. Moreover, at the lower WGFR the
H. purity decreased with time on stream. This decay was caused exclusively by the gradual
increase of the methane content, since both CO; and CO content remained almost
constant and low. The authors suggested that the relatively high methane content was
not exclusively due to methanation reaction, since only low amounts of CO; and CO were
present in the gas phase and in the catalyst surface. Thus, considering that SEGSR was
performed at high temperatures and glycerol is thermally unstable, the pyrolysis of
glycerol to yield CH4, CO,, H;0, coke and volatiles may have happened even before
glycerol reached or passed through the catalyst bed. Therefore, pyrolysis of glycerol may
have occurred and caused the carbonaceous deposits that were found on the front of the
reactor bed and that led to catalyst deactivation. At a WGFR of 4 the purity of H, was
lower than that for a WGFR of 9, however gradual decrease of the H, content due to
methane formation through glycerol pyrolysis was not observed at such water content as
compared to WGFR of 3.

A comparison between the H; vyields obtained experimentally and in the
thermodynamic equilibrium at different WGFRs was also done by Chen et al. [44]. The
biggest difference was obtained for a WGFR of 3. This happened because of the pyrolysis
of glycerol that hindered hydrogen production by favoring the formation of CH4, CO, and
carbon deposits. As the WGFR increased, the experimental H; yield went close to the
thermodynamic boundaries, being that at a WGFR of 9 the experimental H; yield achieved
the theoretical maximum value. In another work, Chen et al. [169] obtained lower H;
yields than in [44] using the same WGFR of 9 but at 550 °C. They suggested that this lower
performance was associated to the formation of carbonaceous deposits through glycerol
pyrolysis. The reason for such difference is that while in [44] pure glycerol was used, in
[169] Chen’s group used crude glycerol, whose impurities lead to pyrolysis, thus enhancing
coke formation.

Wang et al. [172] analyzed the impact of changing the WGFR from 6 to 9 on the
product composition (dry basis) of SEGSR. While for a WGFR of 6 a dry product composition
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of 87% Hz, 9% CH4, 3% CO and 1% CO; was attained, for a WGFR of 9 a dry product
composition of 95% H, and 5% of CH4 was reached. This is due to the enhancement of GSR
performance at higher WGFRs. Even though the H; concentrations obtained for both cases
were high, they were still below the thermodynamic values. Methane concentrations, on
the other hand, were higher than the thermodynamic values, which the authors suggested
to be due to lack of activity to convert excess methane into hydrogen with the Ni/ZrO;

catalyst used.

On the other hand, the steam content has been reported to influence the capacity
of CO; sorbents [141, 142]. By comparing the adsorption capacity of hydrotalcite-based
sorbents under dry and wet conditions, Martunus et al. [142] and Marono et al. [141]
concluded that under wet conditions the CO, capture capacities of the sorbents were
higher. Dou et al. [170] compared the performance of SEGSR using crude glycerol and pure
glycerol in the same conditions, having come to the conclusion that when crude glycerol
was used longer breakthrough times were observed. This might be explained by the fact
that steam conversions obtained while using crude glycerol were approximately half of
those obtained for pure glycerol, thus resulting in higher steam partial pressures in the
reactor when crude glycerol was used. However, excessive amounts of steam may lead to
reduction of CO, capture capacity of sorbents, since it causes shrinkage of pore mouths
due to adsorption of both steam and CO; on the active sorbent surfaces, especially near
the pore mouth. Consequently, the pores may be closed, thus increasing the diffusional

resistance [142].

5.2.3 Effect of Pressure

It was discussed in section 2 that, in equilibrium, lower pressures favor the
production of hydrogen through both GSR and SEGSR and lead to low carbon formation,
especially for SEGSR. Chen and co-workers [171] observed that by increasing the operation
pressure, the hydrogen yield decreased for both GSR and SEGSR (Fig. 21 [171]). However,
as expected, higher values of hydrogen yield were obtained in SEGSR for all pressure
range. Moreover, it was observed that the difference between the values of H; yield in
GSR and SEGSR increased with pressure, as can be seen in Fig. 21. This happens because
higher pressures favor CO; sorption. Therefore higher pressures allow taking more

advantage of the benefits of the SEGSR process.
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6 Membrane Reactors

The International Union of Pure and Applied Chemistry (IUPAC) defined MR as a
device for simultaneously carrying out a reaction and a membrane-based separation in the
same physical enclosure [173]. In a MR the membrane not only selectively separates one
or more components but also plays a crucial role, e.g. in overcoming the thermodynamic
boundaries of equilibrium-limited reactions like the GSR. Regarding its advantages
compared to TRs, they are basically the same as SERs, with exception to the reduction of
CO; emissions, being that the capital costs reduction is even higher in the case of MRs
since only one reactor is needed instead of two reactors. In fact, this cost reduction is
feasible as long as cheap and long-lasting membranes can be produced. Moreover, in MRs
it is possible to produce ultra-pure hydrogen streams. The scheme of a MR for GSR is
presented in Fig. 22 [174]. In this particular case, a hydrogen perm-selective membrane
is used to selectively separate hydrogen from the other components; however, a CO;
perm-selective membrane could be used instead. Still, since one of the main goals of
using MRs for GSR reaction is to produce ultra-pure hydrogen that can later be used in
PEMFCs, it is preferable to use a H, perm-selective membrane in order to isolate H; instead
of using CO, perm-selective membranes and having H, mixed with steam, some unreacted

CO and glycerol.

In order to fully use all the capacities of MRs, it is fundamental that an appropriate
hydrogen perm-selective membrane is used and that the right operating conditions are
selected. Therefore, the following sections comprise a short overview on hydrogen perm-
selective membranes reported in the literature as well as an analysis of experimental

parametric studies on GSR in MRs.

6.1 Hydrogen perm-selective membranes for membrane reactors

Hydrogen perm-selective membranes may be classified as dense metallic
membranes (palladium and palladium alloys), proton conducting dense ceramic
membranes (perovskites like SrCe0Oss and BaCeOs.;), dense polymeric membranes
(polyimide, cellulose acetate, polysulfone, etc), microporous ceramic membranes (silica,

alumina, zirconia, titania, zeolites, metal-organic frameworks (MOF)) and porous carbon
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membranes (carbon) [175, 176]. The main advantage of dense metallic membranes is that
usually they withstand high temperatures (e.g. as compared to polymeric ones) and
present higher selectivity towards H;, thus being possible to obtain high purity hydrogen-
permeate streams [175]. Therefore, dense metallic membranes are preferable for ultra-

pure hydrogen production and will be the main target of focus.

When choosing a membrane to be used in a MR, one has to consider the operating
conditions under which the membrane will be used. In the last years there has been a
tremendous effort in order to find suitable membranes for MR applications. Palladium-
based membranes are currently the most promising for high purity hydrogen production in
MRs, especially palladium alloys (e.g. Pd-Ag and Pd-Cu) which are less sensitive than pure
Pd to embrittlement (caused by the presence of H; at temperatures below 300 °C and
pressures below 2 MPa) and poisoning (caused by contact with CO or HS - present in crude
glycerol) [175, 177]. Tosti et al. [178] verified that self-supported dense Pd-Ag 23 wt.%
tubular membranes with finger-type configuration are highly durable and reliable since
they allowed to attain complete hydrogen selectivity and no failures were observed after
at least one year of thermal and hydrogenation cycles. These characteristics, together
with high permeability, make such materials very promising for ultra-pure hydrogen
production in industrial and energetic applications (chemical industry, PEMFCs, etc.)
[178]. However, the cost of these dense membranes is still a limiting factor, reason why
a strong effort has been put in the preparation of thinner Pd films over different supports,

by several techniques.

In terms of preparation methods, electroless plating (EP) and chemical vapor
deposition (CVD) are the most used ones. The EP method normally consists on producing
Pd particles through reduction of a plating solution containing Pd-amine complexes. This
technique allows to attain high coating adhesion, involves low operation costs and allows
simple operation. However, the impurities present in the plating solution may lead to the
presence of defects on the palladium layer deposited on the support. The CVD technique
allows to very easily deposit a metal film on a support. On the other hand, using both of

these techniques it may be difficult to control the metal alloy composition [179].

Usually the permeation of hydrogen through a palladium-based membrane is
described by a solution-diffusion mechanism, being that the flux of hydrogen that

permeates through the membrane (J4,) can be illustrated by the following equation:
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Ppg
Ju, = i 'Hz/é‘ (p;-clz,retentate - plj-;z,permeate) (55)

where Ppgy, is the permeability of the membrane, § is the membrane thickness,

D, retentate AN Dy, permeate are the partial pressures of hydrogen in the retentate and in

the permeate side, respectively, and x is the pressure exponent. The ratio Praty g
normally called permeance or pressure normalized flux. The pressure exponent takes
values between 0.5 and 1, being 0.5 (Sieverts law) when the diffusion of atomic hydrogen
through the metal lattice of the membrane is the limiting step. On the other hand, the
pressure exponent becomes close to 1 if the surface adsorption is rate limiting. The

permeability is typically described by an Arrhenius-type dependency on the temperature:

E
Ppgp, = Plgd,Hzexp (— a’Pd/RT) (56)

where P,?d_HZ is the pre-exponential factor and E,p, is the activation energy of the

membrane.

Table 10 encompasses a summary of different Pd-based membranes that have been
reported in the last years. Some parameters such as membrane thickness, hydrogen

permeance, ideal H,/N; selectivity and activation energy are reported.

6.2 Glycerol Steam Reforming in Membrane Reactors

Experimental studies featuring the use of MRs for hydrogen production through
several reactions (GSR, SRM, WGS, steam reforming of ethanol, etc.) have been
extensively reported in the last decade. This growing interest in such technology is
explained by the fact that, among other things, MRs allow to overcome the thermodynamic
boundaries of equilibrium-limited reactions, thus allowing to reach high purity hydrogen
streams that are suitable for use in PEMFCs. The experimental studies on GSR in MRs
reported in the literature [190-193] accessed the effects of temperature, pressure and

weight hourly space velocity (WHSV) and will be summarized in the next section.

6.2.1 Effects of Temperature, Pressure and Weight Hourly Space Velocity

In a MR, it was observed that, by increasing the operating temperature from 400

°C to 450 °C, both glycerol conversion and hydrogen vyield increased [190, 192]. This
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happens not only because of the endothermic nature of the GSR reaction, but also because
at higher temperatures the Pd-Ag/PSS membrane becomes more permeable towards
hydrogen (eq. (56)). Such enhancement in the performance was also proved by the
observed increase in the hydrogen recovery (ratio between the amount of hydrogen
collected in the permeate side and the total amount of hydrogen produced in the GSR
reaction) when temperature was increased from 400 °C to 450 °C [190]. This way, a higher
shift of the thermodynamic equilibrium at higher temperatures is observed.

When it comes to the successful operation of a MR, pressure is a fundamental parameter
to be taken into consideration. As can be seen by analyzing eq. (55), higher differences
between the retentate and permeate pressures (driving force) lead to higher permeating
hydrogen fluxes. Therefore, higher driving forces favor the dislocation of the
thermodynamic constraints (Fig. 23 [193]). On the other hand, the production of hydrogen
through GSR reaction is not favored at higher pressures, as already discussed in previous
sections and illustrated in the same figure. Thus, a compromise between these two factors
must be taken into consideration, being, for the conditions employed in Fig. 23, the

hydrogen permeation through the membrane the dominant one.

In terms of glycerol conversion, a clear increase was verified with the increase of
pressure in several works with MRs [190, 192, 193]. However, lulianelli et al. [191]
observed a high increase of glycerol conversion from 1.0 to 4.0 bar and a small decrease
from 1.0 to 1.5 bar (Fig. 24 [191]). The authors suggested that this happens because while
for the first case the enhancement of the hydrogen permeation prevails over the
thermodynamic restrictions, for the second case the opposite occurs. Regarding the
hydrogen yield, it increased less and, at higher pressures, it was observed that it stabilized
or even decreased. This happens due to the occurrence of methanation reactions which
consume hydrogen. Basile and co-workers [191] observed an increase of the methane
selectivity as well as a decrease of hydrogen selectivity for increasing pressures. Such
behavior is also due to the low capacity of the used Co-based catalyst to promote SRM
[191]. Contrarily, the recovery of hydrogen increased even more rapidly at higher reaction

pressures.

The use of an inert sweep gas to dilute the hydrogen in the permeate side and
decrease its partial pressure has been one of the best ways of increasing the driving force
for hydrogen permeation in MRs. lulianelli et al. [191] analyzed the effect of the sweep

factor (SF) (molar ratio between the sweep gas and the feed glycerol flow rates) on
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glycerol conversion and hydrogen recovery at different reaction pressures. By increasing
the SF from 2.6 to 11.9 at 4.0 bar, the glycerol conversion increased from 55.0 to 92.0%
(Fig. 24). However, for increasing SFs beyond 11.9 the enhancement of the glycerol
conversion is very low. This happens because from a SF of 11.9 on, the increase in the
dilution of the hydrogen in the permeate side is almost null and so the driving force almost
does not increase. In terms of hydrogen recovery, the best result was around 63.0% and
was obtained at 4.0 bar and SF of 22.8.

The effect of the WHSV has also been analyzed by lulianelli et al. [193]. The
authors observed that increasing WHSV have a negative impact on the glycerol conversion
and on both hydrogen yield and recovery. The lower the WHSV, the higher is the residence
time of gases inside the reactor bed and so higher glycerol conversions and hydrogen yields
are obtained. Higher residence times also allow hydrogen to permeate more easily, not
only because of the higher amounts of hydrogen produced and thus higher driving force,

but also because hydrogen has more time to reach the membrane surface and permeate.

Besides affecting the performance of the GSR catalyst, the deposition of
carbonaceous deposits was also found to negatively affect the performance of the
membrane in terms of hydrogen permeating flux [191]. Moreover, the presence of CO
during GSR reaction is often responsible for the loss of membranes permeability, being far

more important than CO; [177]. One way of reducing this effect is to use higher WGFRs
(e.g. 9).
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7 Conclusions

In the last decades hydrogen has been seen as a promising energy carrier to be
used in energy systems. For this reason, different ways of producing hydrogen have been
target of interest. However, most of these processes are based on the use of fossil origin
raw materials (natural gas, naphtha, coal, etc.) whose environmental sustainability is

highly questionable.

Glycerol produced as by-product in the biodiesel manufacturing process has been
found to be a very attractive non-fossil alternative for hydrogen production. The GSR
process is seen as one of the most promising ways of converting glycerol into hydrogen,
mainly because its scale-up would not require many changes in the current industrial
processes for hydrogen production from fossil fuels, which are mostly based on steam
reforming. In order to enhance the GSR process performance for improved hydrogen
production the choice of an appropriate catalyst is fundamental. Nickel and noble metals
like platinum and ruthenium have been widely studied. While nickel catalysts are cheaper,
noble metals are more active and stable, thus allowing to work at lower temperatures.
Nonetheless, in the last years a huge effort has been put on the search for nickel-based
catalysts whose performance is comparable to that of noble metal materials. The
influence of catalyst supports must also be taken into consideration, being that neutral
supports (e.g. SiOz) present higher stability and lower carbon deposition. The use of
promoters may also be necessary in order to further improve the catalyst stability, a key
issue in this field. Consequently, further research has to be done on this area, especially

the search for low-temperature active and stable Ni-based catalysts.

Different mechanisms have been proposed for the GSR reaction (e.g. Langmuir-
Hinshelwood dual site mechanism with molecular adsorption of glycerol and molecular or
dissociative adsorption of water). However, a consensus on this matter hasn’t been
reached yet and so further studies are required. Moreover, since the GSR reaction highly
promotes the formation of carbonaceous deposits, the study of the coke deposition
kinetics has also been done, being that a Langmuir-Hinshelwood single site mechanism
with dissociative adsorption of glycerol and molecular adsorption of water was proposed
to describe the deposition of coke over a Co-Ni/Al,O; catalyst. Despite this, more focus
on this subject is required as well, so that the possible existence of different mechanisms

of coke deposition on other types of catalysts may be disclosed.
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Even if a good catalyst together with favoring operating conditions are used in
catalytic GSR in a TR (e.g. fixed bed reactor), thermodynamic limitations in terms of
glycerol conversion and hydrogen yield are still present. In order to avoid such constraints,
intensified processes combining GSR reaction and CO; or H; selective removal in the same
physical device have been found as an excellent alternative. It has been observed that
removing CO; or H, from the reaction medium shifts the thermodynamic equilibrium
towards higher glycerol conversions and higher hydrogen yields. Moreover, such processes
allow to work at lower temperatures and attain similar or even better performances than
TRs at higher temperatures. However, in order for the implementation of these processes
be successful, CO; sorbents with high sorption capacity, stability and low sorption and
regeneration temperatures (e.g. 300-500 °C), as well as hydrogen perm-selective
membranes with high hydrogen selectivity and permeability and high resistance to
embrittlement and poisoning have to be used. At the moment, hydrotalcite-based CO;
sorbents (that require lower sorption and regeneration temperatures) and Pd-based
membranes are seen as promising systems for use in SEGSR and GSR in MRs, respectively,
at lower temperatures (300-400 °C). Moreover, appropriate operating conditions
(temperature, WGFR, pressure and WHVS) have to be carefully chosen.

Regarding CO; emissions, these can be easily avoided though SEGSR, however MRs
with H; perm-selective membranes are not efficient on this. On the other hand, highly
pure H; streams suitable for use in PEMFCs can only be produced in MRs. Therefore, new
solutions combining catalytic GSR with in situ CO; and H; removal would be interesting to

explore.
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Fig. 1 - Comparison of CO, emission cycles between conventional diesel and biodiesel.
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of gas products. Water/glycerol feed ratio (WGFR) = 9, atmospheric pressure and considering

eq. (2, 5 and 6). Reprinted from Chemical Engineering Journal, 220, Wang C, Dou B, Chen H,
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Song Y, Xu Y, Du X, et al., Hydrogen production from steam reforming of glycerol by Ni—-Mg—Al
based catalysts in a fixed-bed reactor, 133-42, Copyright (2013), with permission from Elsevier.
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Fig. 5 - Moles of H, produced per mole of glycerol during GSR as function of WGFR and
temperature at 1 atm and considering eq. (2, 3, 5 and 6). Reprinted from Energy, 64, Hajjaji N,
Chahbani A, Khila Z, Pons M-N., A comprehensive energy—exergy-based assessment and

parametric study of a hydrogen production process using steam glycerol reforming, 473-83,
Copyright (2014), with permission from Elsevier.
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Fig. 6 - Moles of carbon formed as a function of WGFR and temperature at 50 atm. Adapted
with permission from (Wang X, Li S, Wang H, Liu B, Ma X. Thermodynamic analysis of glycerin

steam reforming. Energy and Fuels. 2008; 22:4285-91). Copyright (2008) American Chemical
Society.
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Renewable Energy, 36, Chen H, Ding Y, Cong NT, Dou B, Dupont V, Ghadiri M, et al., A
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Fig. 8 - Hydrogen concentration (dry basis) in equilibrium as function of temperature and WGFR
in (a) GSR and (b) SEGSR, at 1 atm. Adapted from International Journal of Hydrogen Energy, 35,
LiY, Wang W, Chen B, Cao Y, Thermodynamic analysis of hydrogen production via glycerol steam
reforming with CO2 adsorption, 7768-77, Copyright (2010), with permission from International
Journal of Hydrogen Energy.
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Fig. 9 - Coke free (l) and coke formed (ll) regions in SEGSR as a function of temperature and
WGFR, at 1 atm, 10 atm and 50 atm. Reprinted from International Journal of Hydrogen Energy,
35, Li Y, Wang W, Chen B, Cao Y, Thermodynamic analysis of hydrogen production via glycerol
steam reforming with CO2 adsorption, 7768-77, Copyright (2010), with permission from
International Journal of Hydrogen Energy.
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Copyright (2010), with permission from International Journal of Hydrogen Energy.
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Fig. 11 - Carbon formation as function of WGFR and temperature at 1 atm, for different values
of f. Adapted from International Journal of Hydrogen Energy, 35, Wang X, Wang N, Li M, Li S,
Wang S, Ma X, Hydrogen production by glycerol steam reforming with in situ hydrogen
separation: A thermodynamic investigation, 10252-6, Copyright (2010), with permission from
International Journal of Hydrogen Energy.
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Fig. 12 - Yield of gaseous products formed during the stability reaction of GSR with the 30 wt.%
La,;05 content catalyst (mH, @ CH, & CO w CO, & C;H,4). Reprinted from Fuel, 105, Thyssen VV,
Maia TA, Assaf EM., Ni supported on La203-Si02 used to catalyze glycerol steam reforming,
358-63, Copyright (2013), with permission from Elsevier.

ALAR A
1%%%:!%3% 5 & k0
sy Ay
osl O Xy A4a
: o Ty Aasa A 1Pt-450°C
_ * o0 X A a,
2 o Tx W 2Pt-450°C
g 061 oo X 1Pt-350°C
.2 2 O o,
= 0 2Pt-350°C
Hoal e .
E . ® 2Ni-350°C
& 2Ni-450°C
02 r & 5Ni-450°C
. 0 2Ni0.5Pt-450°C
0 5 10 15 20 25 30 35 40 45

Time on stream (h)

Fig. 13 - Activity over time-on-stream at 350 °C and 450 °C with different catalysts supported
on Si0, (feed flow rate of 0.5 mL-min™', 10 wt.% aqueous solution of glycerol and for a residence
time of 0.88 min). Reprinted from Catalysis Today, 172, Pompeo F, Santori GF, Nichio NN.,
Hydrogen production by glycerol steam reforming with Pt/Si02 and Ni/SiO2 catalysts, 183-8,
Copyright (2011), with permission from Elsevier.
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Fig. 14 - Stability tests over doped Pt/Al,0; catalysts. Top: glycerol conversion to gas-phase
products. Bottom: gas-phase composition using (a) Pt/La,03;/AlL0; and (b) Pt/Ce0,/Al0,

catalyst. Conditions: 1.00

g catalyst, 0.32 mL-min"' of C3HgO;3 (30 wt.%; aqueous solution), T =

350 °C. Reprinted from ChemSusChem., 3, Montini T, Singh R, Das P, Lorenzut B, Bertero N,
Riello P, et al., Renewable H2 from glycerol steam reforming: Effect of La203 and CeO2
addition to Pt/Al203 catalysts, 619-28, Copyright © 2010 WILEY-VCH Verlag GmbH & Co. KGaA,

Weinheim.
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Fig. 15 - Evolution of the H, production in GSR over Ceg s3Zr;.97C00.47Rhg.0303.6 With poor ceria
content (CZPCoRh), Ce,Zry5C0q 47Rhg 030s.5 With intermediate ceria content (CZ'CoRh), and
Ce;.59Zrg.91C0g.47RNg 03055 With rich ceria content (CZRCoRh). Conditions: temperature 650 °C,
WGFR of 9 and atmospheric pressure. Thermodynamic value expected using the UNIQUAC
model: 6.06 molH;molgyceroin™'- Reprinted from Applied Catalysis B: Environmental, 132-133,
Martinez T LM, Araque M, Vargas JC, Roger AC., Effect of Ce/Zr ratio in CeZr-CoRh catalysts on

the hydrogen production by glycerol steam reforming, 499-510, Copyright (2013), with
permission from Elsevier.
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Fig. 16 - Stability tests over 3 wt.% Ru/Y,0; catalyst for 24 h in the GSR, at 600 °C and sweep
gas space velocity of 80 000 mL-g.,."-h'. Reprinted with permission from (Hirai T, Ikenaga NO,
Miyake T, Suzuki T. Production of hydrogen by steam reforming of glycerin on ruthenium
catalyst. Energy and Fuels. 2005;19:1761-2). Copyright (2005) American Chemical Society.
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Fig. 17 - Deactivation of catalysts (%) with respect to the amount of solid carbonaceous species
deposited (wt.%) on the catalysts after 10 h of reaction at 600 °C (feed conditions: WGFR of 12,
spatial velocity of 876-2340 pymol-g.,.. '-min’'). Reprinted from International Journal of Hydrogen
Energy, 38, Kim J, Lee D, Glycerol steam reforming on supported Ru-based catalysts for
hydrogen production for fuel cells, 11853-62, Copyright (2013), with permission from
International Journal of Hydrogen Energy.
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Fig. 18 - Scheme of the continuous SEGSR system. Reprinted from International Journal of
Hydrogen Energy, 38, Dou B, Wang C, Chen H, Song Y, Xie B, Continuous sorption-enhanced
steam reforming of glycerol to high-purity hydrogen production, 11902-9, Copyright (2013),
with permission from International Journal of Hydrogen Energy.
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Fig. 19 - Evolution with time of the gas product composition (N, free and dry basis) during
SEGSR at 550 °C, WGFR of 9, 1 atm, contact time of 1.09 h and sorbent/catalyst = 5). Reprinted
from International Journal of Hydrogen Energy, 37, Fermoso J, He L, Chen D, Production of high
purity hydrogen by sorption enhanced steam reforming of crude glycerol, 14047-54, Copyright
(2012), with permission from International Journal of Hydrogen Energy.
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Fig. 20 - Product gas composition (dry basis) of GSR with and without in situ CO, removal at
WGFR of 4, 1 atm, catalyst/sorbent ratio of 5/2.5 and contact time of 1 h (--- thermodynamic
equilibrium of SEGSR, --- thermodynamic equilibrium of GSR, O experimental results for SEGSR,
® experimental results for GSR). [He L, Parra JMS, Blekkan EA, Chen D. Towards efficient
hydrogen production from glycerol by sorption enhanced steam reforming. Energy and
Environmental Science. 2010;3:1046-56] - Reproduced by permission of The Royal Society of
Chemistry. Available at http://pubs.rsc.org/en/content/articlepdf/2010/ee/b922355].
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Fig. 21 - Effect of pressure on the hydrogen yield during SEGSR at 450 °C, WGFR of 9, glycerol/N,
volume ratio of 0.025, using a Ni-based catalyst and microsized hydrotalcite as CO, sorbent.
Reprinted from Chemical Engineering Research and Design, 89, Chen H, Ding Y, Cong NT, Dou
B, Dupont V, Ghadiri M, et al., Progress in low temperature hydrogen production with
simultaneous CO2 abatement, 1774-82, Copyright (2011), with permission from Elsevier.
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Fig. 22 - Scheme of a MR for the GSR reaction. Adapted from Journal of Catalysis, 252, Haag S,
Burgard M, Ernst B., Beneficial effects of the use of a nickel membrane reactor for the dry
reforming of methane: Comparison with thermodynamic predictions, 190-204, Copyright
(2007), with permission from Elsevier.
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Fig. 23 - Effect of reaction pressure on the hydrogen yield for the traditional reactor (TR) and
membrane reactor (MR) at 400 °C, WGFR of 6, WHSV of 1.0 h*', counter-current configuration
of sweep-gas, atmospheric pressure in the permeate side and Qweep-gas/ Qaycerolin=11.9.
Reprinted from International Journal of Hydrogen Energy, 36, lulianelli A, Seelam PK, Liguori
S, Longo T, Keiski R, Calabro V, et al., Hydrogen production for PEM fuel cell by gas phase
reforming of glycerol as byproduct of bio-diesel. The use of a Pd-Ag membrane reactor at
middle reaction temperature, 3827-34, Copyright (2011), with permission from International
Journal of Hydrogen Energy.
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Fig. 24 - Dependency of glycerol conversion the sweep factor (SF) in the Pd-Ag MR at different
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Table 1 - Summary of the catalytic performance and operating conditions of different Ni-based catalysts on GSR.

H, Yield (%)%

Conversion
Catalyst Operating Conditions %) Type of Conversion  Selectivity Reference
’ (%)

11.6 wt.% Ni/CeO, 600 °C, 1 atm, feed flow rate = 100 Glycerol conversion® n.d.c/70 [48]
0.5 mL:min"' and WGFR =9

9.62 wt.% Ni/MgO 600 °C, 1 atm, feed flow rate = 100 Glycerol conversion®  n.d.c/40 [48]
0.5 mL:min"'and WGFR =9

12.7 wt.% Ni/TiO, 600 °C, 1 atm, feed flow rate = 60 Glycerol conversion® n.d.c/15 [48]
0.5 mL-min"' and WGFR =9

10 wt.% Ni/ZrO, 650 °C, 1 atm, feed flow rate = 72 (20 h)d Glycerol conversion 65/n.d.c [51]
0.06 mL-min"' and 10 wt.% to gaseous products®
glycerol

12.6 wt.% Ni/y- 500 °C, 4 atm, WHSVf = 7.7 h"'! 100 (8 h)d Glycerol conversion®  50/n.d.c [53]

AL, 04 and 10 wt.% glycerol

10 wt.% Ni/SiC 400 °C, 1 atm, WHSVf = 33.3 h' 95.2 (60 h)d  Glycerol conversion n.d.¢/n.d.c [60]

and WGFR =9

to gaseous products®

a Based on the thermodynamic limit established in each work;
b Calculation based on the total amount of glycerol converted;

¢n.d.: not determined;

dTime of operation after which the data was collected;
¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa);

fWHSV: weight hourly space velocity.
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Table 2 - Summary of the catalytic performance and operating conditions of different promoted Ni-based catalysts on GSR.

Catalyst

Operating

Conditions

Conversion
(%)

Type of Conversion

H; Yield (%)?
/Selectivity (%)

Reference

8.4% Ni/y-Al,03/6
wt.% La203

11.9 wt% Ni/y-
A|.203/43 wt.% CeOz

13.4 wt.% Ni/y-AL,0;3
-7 wt.% ZrO,

10 wt.% Ni/MoLaCa-
LTA

500 °C, 4 atm,
WHSVP = 7.7 h' and
10 wt.% glycerol

500 °C, 4 atm,
WHSVP = 7.7 h'' and
10 wt.% glycerol

500 °C, 4 atm,
WHSVP = 7.7 h'' and
10 wt.% glycerol

600 °C, feed flow
rate = 0.63 mL-min"’
and 35 wt.% glycerol

100 (8 h)©

100 (8 h)c

100 (7-8 h)c

82.03 (100 h)°

Glycerol conversion®

Glycerol conversion®

Glycerol conversion®

Glycerol conversion
to gaseous products’

99.7/n.d.®

80.3/n.d.®

62/n.d.®

n.d.¢/n.d.c

[22]

[53]

[65]

[66]

2@ Based on the thermodynamic limit established in each work;
b WHSV: weight hourly space velocity;
¢ Time of operation after which the data was collected;
dCalculation based on the total amount of glycerol converted;

€ n.d.: not determined;

f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (COz, CO and CHg).
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Table 3 - Summary of the catalytic performance and operating conditions of different Pt-based catalysts on GSR.

Catalyst Operating Conditions Conversion Type of Conversion  H; Yield (%)%/ Reference
(%) Selectivity (%)
3wtk 600 °C, 1atm, feed flow rate = 100 (2.5-3 h)>  Glycerol conversion 90.0/n.d.d [54]
Pt/Y,0, 0.06 mL-min', carrier gas flow to gaseous products©
rate = 33 mL-min"' and WGFR = 24
5%Pt/C 400 °C, 5 atm, volumetric flow 60 (3 h)® Glycerol conversion®  37.0/n.d.d [89]
rate at reactor inlet = 210
mL-min-' and WGFR =9
1 wt.% 350 °C, 1 atm, Space time =0.88 85 (2 h)® Glycerol conversion n.d.c/n.d.d [91]
Pt/Si0, min, feed flow rate = 0.5 mL-min’ to gaseous products©
"and 10 wt.% glycerol
2 wt.% 350 °C, 1 atm, Space time = 0.88 100 (2 h)® Glycerol conversion  n.d.4/n.d.d [91]
Pt/Si0, min, feed flow rate = 0.5 mL-min’ to gaseous products©
"and 10 wt.% glycerol
3wt.% 350 °C, 1 atm, feed flow rate = ~ 21.0 Glycerol conversion  n.d.¢/n.d.d [92]
Pt/AL,0; 0.32 mL-min"' and 30 wt.% to gaseous products®

glycerol

2@ Based on the thermodynamic limit established in each work;
b Time of operation after which the data was collected;
¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO;, CO and CHy);

4 n.d.: not determined;

€ Calculation based on the total amount of glycerol converted.
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Table 4 - Summary of the catalytic performance and operating conditions of different promoted Pt-based catalysts on GSR.

Catalyst Operating Conditions Conversion Type of Conversion H, Yield (%)*/ Reference
(%) Selectivity (%)

Pt/4 wt.% Ce0,-1 350 °C, space time = 6 min, 78.0 (1 h)®  Glycerol conversion n.d.4/72.5 [97]
wt.% ZrO,-a-Al,O;  feed flow rate = 0.1 mL-min"' to gaseous products ©

and 10 wt.% glycerol
3 wt.% Pt/20 350 °C, 1 atm, feed flow rate  88.0 Glycerol conversion n.d.9/n.d.q [92]
wt.% Ce0,/Al,03 = 0.32 mL-min™" and 30 wt.% to gaseous products ©

glycerol
3wt.% Pt/5wt.%  350°C, 1 atm, feed flow rate  91.0 Glycerol conversion n.d.4/n.d.d [92]
La;0;/Al,04 = 0.32 mL-min"" and 30 wt.% to gaseous products ©

glycerol

a Based on the thermodynamic limit established in each work;
b Time of operation after which the data was collected;

¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO,, CO and CHy);

4 n.d.: not determined.
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Table 5 - Summary of the catalytic performance and operating conditions of different non-promoted and promoted Co-based catalysts on GSR.

Catalyst Operating Conditions Conversion Type of H, Yield (%)/ Reference
o .
(%) Conversion Selectivity (%)
15 % Co/Ce0, 425 °C, 1 atm, GHSV® = 11 000 100 Not specified n.d.4/88.0 [106]
mL-ge. "*h'" and G/W/He¢ =
2/18/80 vol.%
15 wt.% 500 °C, 1 atm, GHSV®? = 50 000 ~ 13.0 Glycerol 77.07/63.0 [107]
Co/AL0; mL g "-h" and Pgiycerol = 7.40 conversion to

kPaand p_ = 57.02 kPa

5 wt.% Co-10 525 °C, 1 atm, GHSV® = 50 000
wt.% Ni/Al;05 mL-ge. -h" and 30 wt.%

gaseous products®

- 79.1/65.3 [108]

@ Based on the thermodynamic limit established in each work;

b GHSV: gas hourly space velocity;

¢ G/W/He: glycerol/water/helium volumetric composition;

4 n.d.: not determined;

¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO,, CO and CHy);
f Assuming a thermodynamic limit of 7.
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Table 6 - Summary of the catalytic performance and operating conditions of different non-promoted and promoted Ru-based catalysts on GSR.

Catalyst Operating Conditions Conversion Type of Conversion H; Yield (%)?/ Reference
(%) Selectivity(%)

5 % Ru/AlL,0; 400 °C, 1 atm, feed flow rate  68.1 (2 h)° Glycerol conversion©  37.0/n.d.d [114]
=0.20 mL-min' and WGFR =9

3 wt.% Ru/Y,03 600 °C, 1 atm, GHSVe =80 000 =~ 100 (24 h)® Glycerol conversion  85/90.0¢ [117]
mL-gc...'-h"" and WGFR =9 to gaseous productsf

0.59 wt.% Ru- 0.23 650 °C, 1 atm, feed flow rate  87.5 (20 h)>  Glycerol conversion  60/n.d.¢ [120]

wt.% Sn/Mg(Al)O = 0.06 mL-min' and 10 wt.% to gaseous productsf
glycerol

0.06 wt.% 550 °C, 1 atm, WHSV" = 327.3 97 (20 h)° Glycerol conversion  91.0/97.0 [121]

Ru/Mg(AL)O h"' and 10 wt.% glycerol to gaseous productsf

a Based on the thermodynamic limit established in each work;
b Time of operation after which the data was collected;
¢ Calculation based on the total amount of glycerol converted;
4 n.d.: not determined;
€ GHSV: gas hourly space velocity;
f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (COz, CO and CHa);
¢ taken from [122];
h WHSV: weight hourly space velocity;
i Calculated value;
1 CO; selectivity.



Table 7 - Summary of the catalytic performance and operating conditions of different noble metal-based catalysts on GSR.

Catalyst Operating Conditions Conversion Type of H, Yield (%)/ Reference
o .
(%) Conversion Selectivity (%)
Ir/Ce0, 400 °C, 1 atm, GHSV® =11 000 100 Not specified n.d.4/85.6 [106]
mL-ge. "*h" and G/W/He¢ =
2/18/80 vol.%
5 wt.% Rh/ALO; 650 °C, 1 atm, GHSV® = 5000 h-  50.0 (100 h)¢  Glycerol 35.7¢/n.d.¢ [128]
"and WGFR =9 conversion to
gaseous products’
1 wt.% Pd/ALO; 600 °C, 1 atm, feed flow rate = 80.0 (2 h)® Glycerol 55.0/70.0 [133]
0.05 mL-min"' and WGFR = 6 conversion to
gaseous products’
10 wt.% Ce/AL,O; 600 °C, 1 atm, feed flow rate = 55.0 (2 h)® Glycerol 42.0/80.0 [133]

0.05 mL-min-' and WGFR = 6 conversion to
gaseous products’

a Based on the thermodynamic limit established in each work;
b GHSV: gas hourly space velocity;
¢ G/W/He: glycerol/water/helium volumetric composition;
dn.d.: not determined;
€ Time of operation after which the data was collected;

f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHy);

8 Assuming a thermodynamic limit of 7.
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Table 8 - Activation energies and reaction orders for the GSR reaction over different catalyst.

Catalyst Operating conditions® Preparation method E. Reaction order  Reaction order  Reference
(kJ:mol') for glycerol® for steam®

15 wt.% Ni- 10 wt.% 1 atm, 600 - 700 °C Wet impregnation of CeO2 with Ni(NO;),:6H,0 and 43.4 0.3 0 [18]

Zr0,/Ce0, ZrO(NOs),-xH,0 aqueous solutions

24.1 wt.% Ni- 26.1 1 atm, 400 - 600 °C Co-precipitation method with rising pH technique 37.8 1.0 0 [24]

wt.% Mg- 49.8 wt.% Al using Ni(NOs),-6H,0, Al(NOs);-9H,0 and (WGFR =9)
Mg(NO;),-6H,0 aqueous solutions

15 wt.% Ni/CeO, 1 atm, 400-700 °C¢ Deposition-precipitation using Ni (NO3),-6H,0 36.5 n.d.d n.d.d [50]
aqueous solution

15 wt.% Ni/Al,04 1 atm, 450- 550 °C Wet impregnation of y-Al,0; with Ni (NO3),-6H,0  59.8 0.48 0.34 [134]
aqueous solution (30 - 60 wt.%) (40 - 70 wt.%)

Ni/Ce0,¢ 1 atm, 600 - 650 °C Wet impregnation of CeO, with Ni (NOs),-6H,0 103.4 0.23 0 [135]
aqueous solution

15 wt.% Co/AL,0;3 1 atm, 450 - 550 °C Wet impregnation of Al,0; with Co 67.2 0.08 0.39 [107]
(NO3),-6H,0 aqueous solution (30 - 60 wt.%) (40 - 70 wt.%)

5 wt.% Co-10 wt.% 1atm, 500 - 550 °C Co-impregnation of Al,0;with Co(NOs),-6H,0 and  63.3 0.25 0.36 [108]

Ni/AL,O; Ni(NO3),-6H,0 aqueous solutions (4.5-16.5 kPa ) (25-88 kPa)

Pt/C 5 atm , 350 - 400 °C Supplied n.d.d 1.0 0 [89]
by Arora-Matthey Ltd., Kolkata (10-34 kPa)

5% Ru/Al,04 1 atm, 350 - 500 °C Supplied by Johnson-Matthey Ltd., Delhi. 21.2 1.0 0 [114]

(xg = 0.068-
0.091)

a - Temperature and total pressure at which the experiments were carried out;
b - The values between brackets are the ranges of each species in the feed or their partial pressure;
¢ - Metal loading not specified;

dn.d.: not determined.
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Table 9 - Sorption capacities and sorption/regeneration temperatures of several CO2 sorbents reported in the literature for SERs applications.

Sorbent Sorption Sorption Regeneration p p Reference
co H,0
capacity (mol/kg) temperature (°C) temperature (°C) : :

(bar) (bar)
K-doped hydrotalcite (20 wt.%  9.40° 300 600 0.34 4.5 [141]
K,CO; and Mg/Al ratio = 2)
K-Na-doped hydrotalcite 1.112 300 300 0.40 0.42 [142]
Hydrotalcite 1.18 400 n.s. 0.15 0 [164]
Ga-K-doped hydrotalcite (10 1.82 300 300 1.08 0 [165]
wt.% Ga and 20 wt.% K)
Ca0-Y,05 (20 wt.% Y,03) 12.95 850 850 n.s.b 0 [147]
Ca0 from calcium acetate 17.30 600 700 0.30 0 [164, 166]
Dolomite 8.40 750 n.s. 0.15 n.s. [164]
Li,ZrO; 5.00? 500 n.s. n.s.be n.s.’c  [153]
K-doped Li,SiO4 (30 wt.% 5.23 580 700 0.04 0 [156]
K,CO3)
Li,Si0,4 (treated with glacial 0.77 550 625 0.1 0 [157]

acetic acid)

a Wet conditions;
b n.s.: not specified;
¢ - Total pressure = 4.47 bar.
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Table 10 — Characteristics of different Pd-based membranes reported in the literature.

Membrane T (°C)? AP (kPa)® & Permeance to H, Ideal selectivity E,pg Reference
em-2.c-1. -0.5
(um)  (mol-m%-s1-Pa®>)  Hy/N, (kJ-mol!)
Pd-25 wt.% Ag 300 10-150 50 1.15 x 107%c o 10.72 [180]
Pd-23-25 wt.% Ag 350 700 84 2.26 x 107%¢ o 2.92 [181]
Pd4e.6-Cus3 4 400 345 40 450 x 107%¢ 5.80 [182]
Pd4s.5-Cusq.o-Agy 3 400 345 40 3.50 x 10 — 4¢ - 10.20 [182]
Pd-5 wt.% Pt/YSZ 400 57.9- 6.6 1.18 x 1073¢ 994 - [183]
609.5
Pd/Ag/PSS 400 100 4.0 1.71 x 1073¢ 1000 11.90 [184]
Pd/Pencil/PSS 450 100 7.0 1.40 x 1073¢ 120 13.80 [185]
Pd/TiO,/Ti-Al 500 588-704¢ 14.0 1.07 x1073 o 13.65 [186]
Pd7gAg9AU13 450 - 14.0 1.16 x 1073¢ - - [187]
Tiso 864Nise.061Pds 175 450 100 45.0 3.84 x 1076 - 42.23 [188]
PdgsAus 400 - 2.5 440 x 1073¢ > 10000 - [189]
PdgsYs 400 - 2.0 5.50 x 1073¢ > 10000 [189]
Pd;3Cuy Y 400 - 2.0 2.50 x 1073¢ > 10000 [189]

YSZ: Yttria-stabilized zirconia;
PSS: Porous stainless steel;
a Temperature at which the permeance was obtained;
b Trans-membrane pressure difference at which the permeance was obtained;
¢ Calculated values.
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